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Vapor—Liquid Equilibria of 2-Methoxy-2-methylbutane + Methanol

+ Water at 101.32 kPa

Alberto Arce,* Antonio Blanco, José Martinez-Ageitos, and Ana Soto

Department of Chemical Engineering, University of Santiago de Compostela, E-15706 Santiago, Spain

Isobaric vapor—liquid equilibrium data for the system 2-methoxy-2-methylbutane + methanol + water
were determined at 101.32 kPa using a distillation apparatus recycling both liquid and vapor phases.
The VLE data were satisfactorily correlated using the Wilson, NRTL, and UNIQUAC equations for liquid
phase activity coefficients and adequately predicted using the ASOG-KT, UNIFAC, UNIFAC—Dortmund,

and UNIFAC—Lyngby group contribution methods.

Introduction

2-Methoxy-2-methylbutane (TAME or tert-amyl methyl
ether) is useful as a gasoline additive because of its ability
to prevent nocking and to improve octane rating. In this
study we report VLE data for the ternary system TAME
+ methanol + water. The results were correlated using
the Wilson (Wilson, 1964), NRTL (Renon and Prausnitz,
1968), and UNIQUAC (Abrams and Prausnitz, 1975)
equations and compared with the predictions of the ASOG-
KT (Kojima and Tochigi, 1979; Tochigi et al., 1990),
UNIFAC (Fredenslund et al., 1977), UNIFAC—Dortmund
(Weidlich and Gmehling, 1987; Gmehling et al., 1993), and
UNIFAC—-Lyngby (Larsen et al., 1987) group contribution
methods. Physical properties for the range of homogeneous
mixtures of the ternary system were obtained previously
(Arce et al., 1996a).

Experimental Section

Materials. Water was purified using a Milli-Q Plus
system. Methanol was supplied by Merck with nominal
purity >99.7 mass %, and 2 methoxy-2 methylbutane
(TAME) was supplied by Fluka Chemika with nominal
purity >98.9 mass %. The purities of the components were
verified chromatographically; none was subjected to further
purification. The methanol and TAME contained 0.03 and
0.02 mass % water, respectively, as determined by a
Metrohm 737 KF coulometer. The densities and refractive
indices of the pure components at 298.15 K, and their
boiling points at 101.32 kPa, are compared with literature
data in Table 1.

Apparatus and Procedure. The experimental data
were obtained in a Labodest apparatus, that recycles both
liquid and vapor phases (Fischer Labor und Verfahren-
stechnik, Germany). Distillation was carried out under an
inert atmosphere of argon, at a constant pressure of 101.32
kPa. Pressure was measured to a precision of £0.01 kPa
with a Fischer digital manometer, and temperature to a
precision of +£0.02 K with a Heraeus Quatt 100 thermom-
eter.

The compositions of the vapor and liquid phases were
determined by densimetry and refractometry using previ-
ously published data for the composition dependence of the
densities and refractive indices of the mixtures studied
(Arce et al., 1996a). Densities were measured to within
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Table 1. Densities (d), Refractive Indices (np), and
Boiling Points (Tp) of the Pure Components

d(298.15 K)/
g-cm3

Np Ty
(298.15 K) (101.32 kPa)/K
component  exp lit. exp lit. exp lit.

water 0.9970 0.997 052 1.3324 1.332502 373.16 373.152
methanol 0.7866 0.786 372 1.3264 1.326 522 337.65 337.6962
TAME 0.7657 0.76577¢ 1.3858 1.3858° 359.33 359.39°

aRiddick et al., 1986. ® Krahenbuhl and Gmehling, 1994. © Linek,
1987.

+0.000 01 g-cm~2 in an Anton Paar 60 digital vibrating
tube densimeter equipped with a DMA 602 measuring cell,
and refractive indices to within £0.0001 with an ATAGO
RX-1000 refractometer. In both cases, a Hetotherm ther-
mostat was used to maintain the temperature at (298.15
+ 0.02) K. The maximum deviation of the equilibrium
mixture composition measurements is assumed to be
4+0.002 mole fraction, as indicated by comparison of se-
lected results with those for samples prepared by weighing.

Experimental Results and Data Treatment

Results. lIsobaric VLE data were only determined for
the totally miscible mixtures of the three components. The
experimentally determined compositions of the liquid and
vapor phases, and the corresponding equilibrium temper-
atures, are listed in Table 2, and Figure 1 shows the
isotherms for the ternary system. The binodal curve
(dashed line) shown in the figure is taken from Arce et al.
(1994) and marks the miscibility limit of the three liquid
components at 298.15 K.

Demonstration of the thermodynamic consistency of the
experimental VLE for the binary system methanol +
TAME and correlation of the corresponding x,y, P, and T
data were detailed in a previous paper (Arce et al., 1996b).
A deviation of D = 0.855 (less than 3) in the Wisniak L—W
test (Wisniak, 1993) and D less than Dpax for all points in
the McDermott—Ellis consistency test (McDermott and
Ellis, 1965) confirm the thermodynamic consistency of the
experimental VLE data for the ternary system.

© 1997 American Chemical Society
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Table 2. Isobaric Vapor—Liquid Equilibrium Data for the System 2-Methoxy-2-methylbutane (1) + Methanol (2) + Water
(3): Mole Fractions x; and y; of Each Component i in the Liquid and Vapor Phases, Respectively, at Temperature T, and

Pressure 101.32 kPa

Th/K X1 X2 Y1 Y2 Th/K X1 X2 Y1 \Z
348.53 0.9340 0.0547 0.6687 0.2629 336.19 0.3536 0.6005 0.2962 0.6717
346.31 0.9100 0.0736 0.6094 0.3030 336.19 0.3245 0.6204 0.2896 0.6732
343.02 0.8473 0.1168 0.5283 0.3258 336.05 0.2978 0.6501 0.2767 0.6904
340.68 0.7827 0.1825 0.4604 0.4550 335.98 0.2743 0.6762 0.2663 0.7041
340.18 0.7468 0.2013 0.4525 0.4257 335.90 0.2547 0.7010 0.2559 0.7197
339.65 0.7269 0.2245 0.4367 0.4652 335.83 0.2426 0.7164 0.2495 0.7285
339.36 0.6896 0.2492 0.4301 0.4505 335.85 0.2629 0.6970 0.2581 0.7195
338.69 0.6506 0.2938 0.4077 0.5006 335.80 0.2537 0.7082 0.2538 0.7254
338.20 0.6216 0.3270 0.3929 0.5339 335.76 0.2476 0.7173 0.2508 0.7302
338.57 0.6155 0.3007 0.4025 0.4797 335.76 0.2605 0.7055 0.2549 0.7269
338.98 0.6001 0.2733 0.4127 0.4189 335.74 0.2502 0.7180 0.2504 0.7325
338.32 0.5482 0.3344 0.3913 0.4748 335.71 0.2474 0.7228 0.2486 0.7359
337.09 0.4218 0.4866 0.3355 0.5917 335.68 0.2348 0.7369 0.2418 0.7439
336.82 0.3869 0.5289 0.3232 0.6136 335.66 0.2192 0.7533 0.2339 0.7527
337.31 0.3873 0.4853 0.3377 0.5675 337.34 0.0108 0.9879 0.0228 0.9772
337.91 0.3700 0.4458 0.3573 0.5104 337.56 0.0098 0.9764 0.0218 0.9720
338.30 0.3783 0.4027 0.3763 0.4667 338.13 0.0125 0.9338 0.0289 0.9495
338.37 0.3974 0.3888 0.3799 0.4595 338.50 0.0148 0.9013 0.0366 0.9297
338.47 0.4196 0.3672 0.3833 0.4522 338.97 0.0168 0.8610 0.0471 0.9046
338.59 0.4534 0.3438 0.3928 0.4358 339.52 0.0200 0.8142 0.0563 0.8791
337.86 0.3851 0.4403 0.3588 0.5117 340.27 0.0150 0.7739 0.0557 0.8612
337.30 0.3262 0.5237 0.3263 0.5754 341.18 0.0124 0.7216 0.0569 0.8368
336.96 0.2794 0.5893 0.3013 0.6215 342.03 0.0099 0.6732 0.0544 0.8188
337.33 0.2820 0.5518 0.3150 0.5859 342.50 0.0111 0.6279 0.0688 0.7882
337.70 0.2848 0.5122 0.3316 0.5485 342.53 0.0144 0.5842 0.1038 0.7441
338.04 0.2842 0.4778 0.3483 0.5123 343.36 0.0109 0.5450 0.0981 0.7319
338.33 0.3006 0.4342 0.3665 0.4754 344.21 0.0078 0.5089 0.0891 0.7252
338.71 0.2930 0.3925 0.3838 0.4395 345.36 0.0054 0.4551 0.0836 0.7061
338.35 0.2536 0.4590 0.3575 0.4876 345.29 0.0066 0.4054 0.1280 0.6560
338.12 0.2306 0.5006 0.3394 0.5203 341.92 0.0203 0.4188 0.2477 0.5666
337.85 0.2019 0.5582 0.3107 0.5687 340.25 0.0383 0.4193 0.3110 0.5149
337.73 0.1944 0.5802 0.2973 0.5916 336.52 0.0533 0.9338 0.0969 0.8991
337.57 0.1674 0.6288 0.2734 0.6309 337.27 0.0538 0.8785 0.1073 0.8630
337.77 0.1754 0.5952 0.2897 0.6015 337.88 0.0539 0.8256 0.1236 0.8270
338.19 0.1718 0.5385 0.3159 0.5520 338.57 0.0610 0.7354 0.1635 0.7578
338.45 0.1649 0.5031 0.3369 0.5147 339.08 0.0605 0.6750 0.1870 0.7095
338.67 0.1562 0.4528 0.3593 0.4761 339.63 0.0537 0.6282 0.1972 0.6814
338.72 0.1746 0.4179 0.3746 0.4524 339.80 0.0551 0.5624 0.2410 0.6181
338.80 0.1636 0.4128 0.3815 0.4411 339.94 0.0519 0.5038 0.2750 0.5683
338.80 0.1785 0.4015 0.3843 0.4366 340.28 0.0414 0.4573 0.2899 0.5424
338.68 0.1565 0.4452 0.3608 0.4740 336.38 0.2879 0.6339 0.2844 0.6675
338.60 0.1357 0.5049 0.3296 0.5206 336.30 0.2668 0.6595 0.2727 0.6829
338.56 0.1196 0.5523 0.2990 0.5655 336.29 0.2212 0.7010 0.2525 0.7039
338.54 0.1046 0.5962 0.2652 0.6113 336.18 0.1837 0.7482 0.2296 0.7349
338.55 0.0920 0.6367 0.2359 0.6522 336.16 0.1560 0.7837 0.2083 0.7617
338.65 0.1004 0.5890 0.2695 0.6048 336.85 0.1632 0.7095 0.2366 0.7026
338.75 0.1014 0.5615 0.2855 0.5811 337.15 0.1680 0.6746 0.2539 0.6722
338.84 0.1035 0.5268 0.3093 0.5449 337.11 0.1539 0.6968 0.2379 0.6933
338.88 0.1049 0.4836 0.3327 0.5107 337.04 0.1303 0.7388 0.2120 0.7286
338.93 0.1016 0.4569 0.3524 0.4833 337.02 0.1104 0.7753 0.1896 0.7582
338.91 0.1024 0.4303 0.3680 0.4604 337.04 0.0934 0.8068 0.1676 0.7872
338.96 0.0893 0.4243 0.3704 0.4557 337.51 0.1005 0.7437 0.1954 0.7380
339.16 0.0755 0.4532 0.3442 0.4892 337.74 0.1112 0.6969 0.2210 0.6978
339.32 0.0682 0.4468 0.3372 0.4955 335.63 0.1656 0.8167 0.2013 0.7926
339.45 0.0577 0.4267 0.3433 0.4851 335.78 0.1485 0.8258 0.1925 0.7970
339.52 0.0472 0.3934 0.3559 0.4669 335.83 0.1375 0.8376 0.1836 0.8063
339.63 0.0383 0.3758 0.3625 0.4561 336.13 0.1518 0.7914 0.2038 0.7684
340.24 0.0328 0.3943 0.3285 0.4909 336.18 0.1289 0.8207 0.1829 0.7937
337.67 0.6181 0.3612 0.3764 0.5997 336.26 0.1125 0.8407 0.1681 0.8102
337.16 0.5497 0.4217 0.3565 0.6119 336.37 0.0936 0.8641 0.1489 0.8323
336.76 0.5053 0.4684 0.3416 0.6325 336.77 0.1057 0.8105 0.1753 0.7851
336.55 0.4423 0.5163 0.3270 0.6372 337.27 0.1117 0.7483 0.1994 0.7390
336.40 0.3917 0.5587 0.3120 0.6496

Data Treatment. For vapor and liquid phases in
equilibrium at pressure P and temperature T:

ViL(P - Pis)

YitiP = Xi?’ipi5¢iS exp’? (1)

where x; and y; are the mole fractions of component i in
the liquid and vapor phases, respectively, Vit is its molar
volume in the liquid phase, y; is its activity coefficient, ¢;
and ¢S are its coefficients of fugacity and fugacity at

saturation, respectively, and P;S is its saturated vapor
pressure. In this work, V- was obtained from the empirical
equation of Yen and Woods (1966), ¢i and ¢S were
calculated by the method of Hayden and O’Connell (1975)
from the second virial coefficient, and P;S was calculated
from Antoine’s equation

B
+ TK+C )

using the coefficients A, B, and C given in Table 3.

log(P;°/kPa) = A
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Figure 1. Isotherms for the VLE of the ternary system 2-meth-
oxy-2-methylbutane (1) + methanol (2) + water (3) at 101.32 kPa.

Table 3. Antoine Coefficients A, B, and C for Equation 2

component A B C ref

water 7.07262 —1657.160 —46.13 Reidetal., 1987

methanol 7.20519 —1581.993 —33.439 Riddick et al., 1986

TAME 6.067 82 —1256.258 —50.100 Kréhenbuhl and
Gmehling, 1994

Table 4. Correlation of the VLE Data for the System
2-Methoxy-2-methylbutane (1) + Methanol (2) + Water
(3): Model Parameters and Mean Deviations (md) in the
Equilibrium Temperature and Vapor Phase
Compositions

mole fraction
md

model parameters/J-mol—! T/K mdy, mdy;

UNIQUAC Auj, = 3736.56, Auy; = —460.407 0.17 0.0068 0.0059
Auiz = 5522.04, Auz; = 528.313
Auyz = —208.505, Auz, = 366.760
Al = —316.444, Aly; =5239.20 0.91 0.0142 0.0279
Ald13= 10410.60, Al3; = 10459.99
Az = —3078.92, Adz, = 3990.82
NRTL Agi2, = 803.856, Agp1 = 3473.17 0.18 0.0062 0.0067
(0=0.3) Agi3= 6246.31, Ags; = 15425.80
Agz; = —340.043, Ags, = 1234.46

WILSON

Correlation. The experimental results were correlated
by least-squares regression (Simplex method), the objective
function minimized being

F= Z {x(calc) — x;}* 3)

where x is the mole fraction of component i in the liquid
phase.

The models used for the liquid phase activity coefficients
were the Wilson equation, NRTL equation, setting the
nonrandomness parameter o to different values and select-
ing the value giving the best correlation, and the UNI-
QUAC equation, setting the area parameter q' to 0.96 for
methanol and 1.0 for water and calculating r and g using
group contribution methods. Table 4 lists the model
parameters fitted for the ternary system, together with the
mean deviations in T, y;, and y,. Figure 2 compares the
experimental data with the UNIQUAC correlation (the
number of points has been reduced for the sake of clarity).

Prediction. The VLE data were predicted using the
ASOG-KT, UNIFAC (the structural and group interaction

Methanol

TAME Water

Figure 2. Experimental VLE data (—) and the corresponding
UNIQUAC correlation (---00) for the ternary system 2-methoxy-2-
methylbutane (1) + methanol (2) + water (3) at 101.32 kPa.

Methanol

TAME Water

Figure 3. Comparison of the experimental (—) and UNIFAC—
Lyngby predicted (---0) VLE data for the ternary system 2-meth-
oxy-2-methylbutane (1) + methanol (2) + water (3) at 101.32 kPa.

parameters recommended by Gmehling et al. (1982) were
used), UNIFAC—Dortmund, and UNIFAC—Lyngby group
contribution methods to calculate the liquid phase activity
coefficients.

Table 5 lists the root mean squared deviations between
the experimental VLE data and those predicted by each
group contribution method, and Figure 3 compares the
experimental data with those predicted using the UNI-
FAC—Lyngby method (the number of points has also been
reduced for the sake of clarity).

Discussion

The VLE data obtained for the range of homogeneous
mixtures of the ternary TAME + methanol + water system
show that this mixture does not form an azeotrope. The



Journal of Chemical and Engineering Data, Vol. 42, No. 3, 1997 437

Table 5. Prediction of the VLE Data for the System
2-Methoxy-2-methylbutane (1) + Methanol (2) + Water
(3): Root Mean Squared (rms) Deviations in Equilibrium
Temperature and Vapor Phase Compositions (Mole
Fraction)

method rmsy; rmsy, rmsys rmsT/K
ASOG-KT 0.0269 0.0505 0.0334 147
UNIFAC 0.0471 0.0415 0.0241 1.77
UNIFAC—Dortmund 0.0543 0.0438 0.0187 2.25
UNIFAC—Lyngby 0.0302 0.0277 0.0089 1.44

Wisniak L—W and McDermott—Ellis tests confirm the
thermodynamic consistency of the experimental data. The
UNIQUAC and NRTL (with a. = 0.3) models allow correla-
tion of the experimental results, affording only minor
deviations in composition and temperature, while the
Wilson equation gives larger deviations, especially in the
equilibrium temperatures. The best predictions of the VLE
data were obtained using the UNIFAC—Lyngby method to
calculate the liquid phase activity coefficients, while use
of the UNIFAC—Dortmund method afforded the worst
predictions, particularly as regards the equilibrium tem-
perature (Table 5).
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