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Measurements of the Vapor—Liquid Equilibrium for the CO, + R290 Mixture
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and Technology, Tsukuba 305-8563, Japan

Vapor—liquid equilibrium (VLE) of the CO, + R290 mixture has been measured by the recirculation method.
Thirty-three data sets of VLE measurements were obtained in the temperature range between (260 and 290)
K and in the pressure range between (408 and 4710) kPa. The experimental uncertainties of the temperature,
pressure, and composition measurements are estimated to be within 3 mK, 3 kPa, and 0.11 %, respectively.
The present data were compared with the calculation by the REFPROP and correlated well by two cubic
equations of state, i.e., the Peng—Robinson equation and the Soave—Redlich—Kwong equation.

Introduction

Due to global environmental issues such as ozone depletion
and global warming, production of fluorocarbon refrigerants that
are typical working fluids of refrigerators and heat pump systems
will be regulated. Suitable alternative refrigerants including
hydrocarbons such as R290 (propane: C;Hg) and R600a (isobu-
tane: i-C4H,) have focused attention as natural refrigerants. A
home-type refrigerator with R600a has already been in the
Japanese marketplace. However, usage of a large amount of
hydrocarbons in air-conditioning remains a problem because
of its flammability. Carbon dioxide (CO,) is also a natural
refrigerant and is used as a working fluid in heating of heat
pump systems. The application of CO; as a refrigerant remains
an issue due to its operation under high pressure.

To improve the above issues, natural refrigerant mixtures such
as CO, + hydrocarbons were an interest in our research target.
In recent years, thermophysical properties for mixtures com-
posed of R290, R600a, and R32 (difluoromethane: CH,F,) have
been measured in our laboratory. Vapor—liquid equilibrium
measurements were conducted for R290 + R600a,! R290 +
R32,% and R600a + R32.% Critical parameters and saturated
density measurements were conducted for R290 + R600a,*
R290 + R32,% and R600a + R32.° Surface tension measurement
was conducted for R290 + R600a.” As the first stage in our
target of mixtures containing R290, R600a, and CO,, VLE
measurements of the CO, + R290 mixture have been studied.

In the present study, the vapor—liquid equilibrium measure-
ments for CO, + R290 were carried out from (260 to 290) K
and compared with available literature data and REFPROP.®
By using the present data, the interaction parameters k;; for two
cubic equations of state, i.e., Peng—Robonson equation of state
(PR EOS)? and Soave—Redlich—Kwong equation of state (SRK
EO0S),'° were determined. The present data and literature data
were also compared with the above two equations of state.
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Table 1. Experimental Uncertainties

property source uncertainty
temperature thermometer 1 mK
fluctuation 1 mK
expanded uncertainty (kK = 2) 3 mK
pressure repeatability 0.5 kPa
calibration 1 kPa
fluctuation 1 kPa
expanded uncertainty (kK = 2) 3 kPa
composition calibration 0.02 mol %
repeatability 0.05 mol %
expanded uncertainty (k = 2) 0.11 mol %

Experimental Apparatus

The measurements were carried out using the recirculation
method that had been previously employed to measure
vapor—liquid equilibrium for the binary mixtures composed of
R290, R600a, and R32.' 3 Since the apparatus and experimental
procedures have been described in detail in our previous
publication,' an overview is presented here. A schematic
diagram of the apparatus is shown in Figure 1. A sample of the
first component is loaded into the equilibrium cell, which has
optical windows to confirm the meniscus of the sample. A
sample of the second component can be loaded into the
equilibrium cell. Saturated vapor is circulated from the top of
the equilibrium cell to the bottom of the cell through a sampling
tubing line equipped with a magnetic circulation pump. Saturated
liquid is circulated from the bottom of the equilibrium cell to
the top of the cell through another sampling tubing line in the
same way. The equilibrium cell and sampling tubing lines are
immersed in the thermostatted liquid bath, whose heat-transfer
medium is ethylene glycol. The temperature of the thermostatted
liquid bath was measured by using the precise thermometer
bridge (ASL, F17A) and 100 Q standard platinum resistance
thermometer (Netsushin, NSR-300) calibrated against ITS-90.
The uncertainty of temperature measurement is estimated to be
within 3 mK. The sample pressure was measured using a quartz
pressure transducer (Paroscientific, 2900AT), which is attached
at the top of the equilibrium cell. The uncertainty of pressure
measurement is estimated to be within 3 kPa. After the
measurements of sample temperature and pressure, the saturated
vapor and saturated liquid were extracted from the sampling
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Figure 1. Schematic diagram of the experimental apparatus: A, equilibrium cell; B, thermostatted liquid bath; C, platinum resistance thermometer; D,
precise thermometer bridge; E, pressure transducer; F, circulation pump; G, thermostatted air bath; H, gas chromatograph.
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Figure 2. Vapor—liquid equilibrium for the CO, + R290 mixture on a
pressure—composition diagram: O, bubble-point data; A, dew-point data.
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Figure 3. Bubble-point pressure deviation between the experimental data

and the REFPROP calculations against composition: @, present study; A,
Kim;"® x, Niesen;'* +, Hamam."?

tubing line using the hexagon valve to the secondary tubing
lines. The sample is pressurized by introducing high-purity
(99.999 %) helium gas in the secondary tubing lines. Secondary
tubing lines lead to the thermostatted air bath next to the liquid
bath. Saturated vapor and saturated liquid in the secondary
tubing lines are sequentially extracted using the hexagon valve
to the third tubing line, which is connected to the gas
chromatograph (Agilent Technologies, 6890N) with a Porapak-Q
column (2 m long; ID 3 mm; mesh range 50/50) for the

Table 2. Experimental Results of Vapor—Liquid Equilibrium for
the CO, + R290 Mixture

T P X y
K kPa mol+mol ™! mol*mol ™!
260.000 409 0.028 0.215
260.000 496 0.049 0.378
260.000 600 0.071 0.464
260.000 757 0.111 0.562
260.000 1025 0.175 0.680
260.000 1420 0.329 0.774
265.000 863 0.126 0.570
265.000 1209 0.217 0.692
265.000 1585 0.334 0.780
265.000 1940 0.482 0.831
265.000 2241 0.631 0.873
270.000 702 0.065 0.378
270.000 1091 0.146 0.590
270.000 1457 0.236 0.712
270.000 1918 0.370 0.787
270.000 2426 0.574 0.850
270.000 2964 0.850 0.906
280.000 1042 0.090 0.427
280.000 1491 0.177 0.588
280.000 1967 0.278 0.703
280.000 2452 0.399 0.753
280.000 2902 0.538 0.813
280.000 3278 0.657 0.853
283.150 961 0.061 0.325
283.150 1757 0.206 0.630
283.150 2398 0.352 0.728
283.150 2794 0.449 0.773
283.150 3921 0.781 0.891
290.000 1009 0.045 0.227
290.000 2002 0.214 0.607
290.000 2961 0.399 0.734
290.000 3865 0.608 0.815
290.000 4710 0.823 0.881

determination of compositions in the saturated vapor and liquid.
The uncertainty of the composition measurement is estimated
to be within 0.11 mol %. The sources of the uncertainty in the
VLE measurement are summarized in Table 1.

CO, was manufactured by Showa Tansan Co., Ltd. Its sample
purity is stated more than 99.999 vol %. R290 was manufactured
by Takachiho Co., Ltd. Its sample purity is more than 99.99
mol %. No further purification was done on the samples before
use.

Results and Discussion

Comparison with Literature Data. The vapor—liquid equi-
librium for the CO, + R290 mixture was measured in the
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Figure 4. Dew-point pressure deviation between the experimental data and
the REFPROP calculations against composition: @, present study; A, Kim;"?
x, Niesen;'* +, Hamam;'> O, Reamer.'®
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Figure 5. Bubble-point pressure deviation between the experimental data
and the REFPROP calculations against temperature: @, present study; A,
Kim;'? x, Niesen;'* +, Hamam."®
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Figure 6. Dew-point pressure deviation between the experimental data and
the REFPROP calculations against temperature: @, present study; A, Kim;'?
x, Niesen;'* +, Hamam;'> O, Reamer.'®
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temperature range from (260 to 290) K and in the pressure range
between (408 and 4710) kPa. The experimental results are given
in Table 2. The distribution of the present VLE data is shown
in Figure 2 on the P—x diagram, which indicates that this
mixture is nonazeotropic. The deviations of the bubble point
and dew point pressure of the present data from the calculations
by REFPROP® against composition are shown in Figures 3 and
4, and those against temperature are shown in Figures 5 and 6.
REFPROP was adopted for the Kunz and Wagner model'" for
this system. The literature data are also included in Figures 3
to 6, but the data by Acosta et al.'* were removed because of
their large deviations. The experimental range of the present
data and the literature data is shown in Table 3. Uy, Up, and
U,, in Table 3 are the uncertainties of temperature, pressure,
and composition, respectively. The statistical characteristics
(AAD, BIAS, and RSD) of the percent deviations of the
literature data and present data from the REFPROP calculations
are summarized in Table 4. The AAD, BIAS, and RSD are
defined as the following equations.

n
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Although the bubble-point pressure of the present data is in a
good agreement with REFPROP calculations, the dew-point
pressure of the present data is always bigger than the REFPROP
calculations. The BIAS for the dew-point pressure is —3.63 %,
whereas that for bubble-point pressure is 0.21 %. As shown in
Figure 4, the difference between the dew-point pressure of the
present data and the REFPROP calculations becomes slightly
larger in the region of CO,-rich composition. The data by Acosta
et al.,'? which were obtained in the temperature range from
(210.9 to 349.8) K, show the largest statistical characteristic in
all data. The reason for this is a relatively large experimental
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Figure 7. Bubble-point pressure deviation between the experimental data
and PR EOS against composition: @, present study; A, Kim;'* x, Niesen;'*
+, Hamam."?
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Figure 8. Dew-point pressure deviation between the experimental data and
PR EOS agamst composmon @, present study; A, Kim;'? x, Niesen;'* +,
Hamam;' O, Reamer.'®
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Figure 9. Bubble-point pressure deviation between the experimental data
and PR EOS against temperature: @, present study; A, Kim;"? x, Niesen;'*
+, Hamam."?
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Figure 10. Dew-point pressure deviation between the experimental data
and PR EOS against temperature: @, present study; A, Kim;'? x, Niesen;'*
+, Hamam; "> O, Reamer.'®
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Table 3. Experimental Range of the Present Data and the Literature Data

Experimental Range

T Ur P U X,y U,y
first author N K kPa kPa mol+mol ™! %
Bubble-Point Pressure
present work 33 260 to 290 0.003 409 to 4710 3 0.02 to 0.85 0.11
Acosta'? 144 210 to 346 0.05 289 to 5859 15 0.07 to 0.45 0.1
Hamam'® 21 244 to 266 0.11 503 to 2613 (0.27 to 0.53) % 0.08 to 0.82 0.3
Kim'"? 124 253 to 324 0.02 244 to 7207 1 0.00 to 1.00 0.3
Niesen'* 94 311 to 362 0.1 1302 to 6702 0.05 % 0.00 to 0.78 0.2
Dew-Point Pressure
present work 33 260 to 290 0.003 409 to 4710 3 0.21 to 0.91 0.11
Acosta'? 145 210 to 350 0.05 59 to 3483 15 0.07 to 0.45 0.1
Hamam'> 21 244 to 266 0.11 503 to 2613 (0.27 to 0.53) % 0.52 to 0.94 0.3
Kim"? 124 253 to 324 0.02 244 to 7207 1 0.00 to 1.00 0.3
Niesen'* 94 311 to 362 0.1 1302 to 6702 0.05 % 0.00 to 0.80 0.2
Reamer'® 44 278 to 344 0.011 685 to 6716 0.1 % or 2.1 kPa 0.15 to 0.93 0.3

Table 4. Relative Pressure Deviation of the Bubble-Point and
Dew-Point Pressure for the CO, + R290 Mixture from the
REFPROP?

REFPROP
AAD BIAS RSD
first author % % %
Bubble-Point Pressure
present work 1.97 0.21 2.59
Acosta'? 18.88 —17.19 22.35
Hamam'® 3.18 —2.88 2.72
Kim'? 1.43 —0.49 2.08
Niesen'* 1.57 0.41 2.43
Dew-Point Pressure

present work 3.63 —3.63 2.49
Acosta'? 11.61 3.54 13.14
Hamam'® 3.00 —3.00 1.50
Kim'? 1.73 —1.69 1.79
Niesen'* 2.04 -1.75 3.52
Reamer'® 1.53 —1.07 2.35

Table 5. Relative Pressure Deviation of the Bubble-Point and
Dew-Point Pressure for the CO, + R290 Mixture from Two Cubic
Equations of State (PR EOS and SRK EOS)

PR EOS SRK EOS
kj = 0.1276 ki = 0.1333
first author AAD % BIAS % RSD % AAD % BIAS % RSD %

Bubble-Point Pressure

present work 1.73 0.88 2.17 1.80 1.00 2.20
Acosta'? 16.37  —16.27 19.58 1647 —16.39 19.64
Hamam'? 1.81 —-1.17 2.19 1.92 —0.85 2.34
Kim"? 1.03 —0.50 1.31 1.24 —0.39 1.48
Niesen'* 0.84 —0.79 0.75 1.07 —0.94 1.01
Dew-Point Pressure
present work 2.74 —2.68 242 2.90 —2.78 2.53
Acosta'? 11.79 424  13.08 12.56 430 1344
Hamam'’ 2.03 -1.51 1.79 239 =177 2.02
Kim' 1.38 —1.06 1.72 1.74 —1.35 1.95
Niesen'* 1.00 0.96 0.97 0.61 0.19 0.83
Reamer'® 1.07 0.93 2.61 0.77 0.68 0.93

uncertainty in pressure measurements due to small absolute
pressures in the low-temperature region. The data by Kim and
Kim'? were obtained in the wide temperature range from (253.15
to 323.15) K. Their data show a behavior similar to the present
data over the whole range of mole fraction of CO, as shown in
Figures 3 and 4. The data by Niesen and Rainwater'* were
obtained in the temperature range from (310 to 361) K and the
pressure range from the vapor pressure up to the critical pressure.
Although both AAD and BIAS of the data are small, the
deviations from the REFPROP calculation become larger near
the critical point as shown in Figures 5 and 6. The data by

Hamam and Lu'® were obtained in the temperature range from
(244 to 266) K. The data for bubble-point and dew-point
pressure show large negative BIAS, and their behavior is
dissimilar to other data. The data by Reamer and Sage'® were
obtained only for the dew-point pressure in the temperature
range from (278 to 344) K. Their data are in a good agreement
with REFPROP calculations.

As shown in the comparison of the present data with the
REFPROP, its deviation of the dew-point pressure is negative,
especially in the region of CO,-rich composition (Figure 4),
and decreasing at lower temperature (Figure 6). The data by
Kim and Kim show behavior similar to the present data and
are useful to correlate with cubic equations of state.

Correlation by Cubic Equations of State. The present VLE
data were correlated with two cubic equations of state, i.e., PR
EOS® and SRK EOS,' with the mixing rule expressed as
follows.

a= z Z XX 4)
T

a;=a;, a;=a;, a;=a;=(1— kij)\/;aj 4)
b= xp, (©6)

c= z Xi¢; (N

where kj; is the binary interaction parameter. The binary
interaction parameters k; were determined for two equations of
state. A total of 143 data sets of (7, P, x, y) based on the present
data and the data by Kim and Kim'? were used. The (7, x) data
sets were used as the input data, and the k; were determined to
minimize the bubble-point pressure deviation by the least-
squares method. The k; values thus obtained are summarized
in Table 5 as well as the statistical characteristics. The deviations
of the bubble-point and dew-point pressure of the present data
from the calculations by PR EOS against composition are shown
in Figures 7 and 8, and those against temperature are shown in
Figures 9 and 10. The optimum values of k; for PR EOS and
SRK EOS are almost the same with a value of 0.13. The two
EOS with the optimum k; give almost the same statistical
characteristics, which are improved from those of the REFPROP
calculations. The improvements in AAD are 1.0 % for the
bubble-point pressure and 0.5 % for the dew-point pressure.
Especially, as shown in figures related to dew-point pressure
deviation, the accuracy for the dew-point pressure was improved.



Conclusion

The VLE measurements for the CO, + R290 mixture were
performed in the temperature range from (260 to 290) K, and
33 data sets of (7, P, x, y) were obtained. By using two cubic
equations of state (PR EOS and SRK EOS), the VLE data were
correlated. The optimum binary interaction parameter k;; for each
equation of state was determined. It is found that the VLE of
CO; + R290 mixtures can be successfully represented by the
cubic equations of state with the optimum k;;.
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