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Densities measured at pressures from (20 to 40) MPa and the temperatures (283.15, 298.15, 313.15, and
328.15) K and isobaric (vapor + liquid) equilibrium (VLE) at pressures of (33.33, 66.66, and 101.33) kPa
are reported for the mixture {1,8-cineole(1,3,3-trimethyl-2-oxabicycle[2,2,2]octane) + propan-1-ol} in the
whole composition range. Excess molar volumes, isobaric thermal expansions, and isothermal compressibilities
were calculated from the density data. VLE data were correlated by means of three activity coefficient
models [Wilson, nonrandom two-liquid (NRTL), and universal quasichemical activity coefficient (UNI-
QUAC)], and their thermodynamic consistency was determined. Four equations of state (EOS), namely, the
Peng-Robinson, the Patel-Teja, statistical associating fluid theory (SAFT), and perturbed-chain statistical
associating fluid theory (PC-SAFT), were used first to predict (interaction parameters, kij, equal to zero)
both the density and the VLE behavior of the system and second to correlate the VLE by adjustment of the
interaction parameters for each EOS.

Introduction

Supercritical fluid extraction of essential oils from plants with
carbon dioxide as solvent is being extensively investigated. But
in certain cases a polar cosolvent is added to the nonpolar carbon
dioxide to improve the yields of the more polar compounds.
The most usual cosolvents are alcohols such as ethanol or
propan-1-ol.1 It is then important to know the behavior of the
mixtures (essential oil + cosolvent) to achieve better results in
the supercritical extraction. Unfortunately, the essential oils are
themselves complex mixtures. Nevertheless, the study of these
systems can be carried out by choosing a major compound of
the essential oil and mixing it with a cosolvent. This is the case
of 1,8-cineole or eucalyptol (with the International Union of
Pure and Applied Chemistry (IUPAC) systematic name of 1,3,3-
trimethyl-2-oxabicycle[2,2,2]octane) that is the main component
of the essential oil of hyssop (Hyssopus officinalis L.) amounting
to 75 % of mass of the extract.2 1,8-Cineole is also a component
of Spanish sage (SalVia laVandulifolia Vahl.).3

In a previous paper4 we reported the values of density, speed
of sound, refractive index, and excess molar enthalpy for the
system (1,8-cineole + propan-1-ol) at (298.15 and 313.15 K)
and atmospheric pressure. In this work we follow our study
about this mixture. Then, the density of binary mixtures of 1,8-
cineole with propan-1-ol were measured at four temperatures
of (283.15, 298.15, 313.15, and 328.15) K and pressures from
(20 to 40) MPa in steps of 5 MPa. The isobaric vapor + liquid
equilibrium (VLE) of the mixture was determined at pressures
of (33.33, 66.66, and 101.33) kPa. From the density measure-
ments, the excess molar volumes, the isobaric thermal expan-
sions, and the isothermal compressibilities were calculated. From
the VLE, the activity coefficients and the excess molar Gibbs
function were determined. These results were correlated using

the Wilson, nonrandom two-liquid (NRTL), and universal
quasichemical activity coefficient (UNIQUAC) equations.

An analysis of the results has also been carried out in terms
of four equations of state (EOS), two of them cubic in the molar
volume (Peng-Robinson and Patel-Teja) and the other two
based on perturbation models (statistical associating fluid theory
(SAFT) and perturbed-chain statistical associating fluid theory
(PC-SAFT)). In the first place the EOS were used to predict
the (p, F, T) and VLE behavior, considering that there was no
effect due to the mixture (the interaction parameters for each
model were set equal to zero). At the sight of the significant
deviations occurring in the predictions, the interaction param-
eters were adjusted to provide a best fit of the experimental
data with each EOS.

Experimental Section

Materials. 1,8-Cineole (mole fraction purity > 0.997), and
propan-1-ol (mole fraction purity > 0.999) were supplied by
Aldrich. Octane, which was used to calibrate the high pressure
densimeter, was obtained from Fluka (mole fraction purity >
0.995). The stated purities of the chemicals were verified by
measuring their normal boiling points and densities and compar-
ing them with the literature values.4-14 The experimental and
bibliographic data are listed in Table 1 and show good
agreement. All liquids were used without further purification.

Equipment. The device used to measure density is similar
to other ones previously used by Sousa et al.15 and Esteve et
al.16 and is based on a vibrating tube densimeter Anton Paar
DMA 512-P for high pressures. A detailed description of the
apparatus, together with the validation of the equipment, can
be found in the literature.17 The uncertainty in the temperature
control is ( 0.01 K. The pressure of the system was controlled
by a pressure transmitter (STW-A09) that can operate at
pressures up to 70 MPa with an uncertainty of ( 0.1 % of full
scale. The overall uncertainty in the reported density was
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estimated to be ( 0.5 kg ·m-3. The mole fractions of the
mixtures of 1,8-cineole + propan-1-ol were determined gravi-
metrically with a Mettler Toledo AB265-S balance, whose
precision is ( 10-5 g that leads to an uncertainty of ( 0.0001
in the mole fraction.

The VLE experiments were performed at constant pressure
by means of an all-glass dynamic recirculating ebulliometer. It
is a commercial unit (Pilodist model VLE 100) built in Germany
by Fisher, and the procedure followed is very similar to that
described by Dominguez et al.18 The uncertainty in the pressure
was of ( 0.05 kPa. The equilibrium (boiling) temperatures were
measured using a Pt-100 probe with an uncertainty of ( 0.2 K.
The compositions of both phases were determined by measuring
the density of the samples at T/K ) 298.15 and atmospheric
pressure with a vibrating tube densimeter Anton-Paar DSA 5000
with which the densities of the mixture were previously
measured for this purpose over the whole composition range.
These values agree with those reported earlier by Alfaro et al.4

The uncertainty of this densimeter is estimated to be ( 0.04

kg ·m-3. The relationship between the measured densities and
the mole fraction is expressed through a Redlich-Kister type
equation

where F is the density of the mixture, F1 and F2 are the densities
of 1,8-cineole and propan-1-ol, respectively, and x1 and x2 are
the mole fractions of the corresponding liquids. The Ai coef-
ficients were estimated using the Levenberg-Marquardt’s
algorithm that was also used in all of the subsequent regression
analyses in this work. These coefficients are reported in Table
S1 of the Supporting Information as well as the standard
deviation σ. The uncertainty in the mole fractions so determined
is estimated to be ( 0.0005 for both phases.

Results and Discussion

Density Measurements and DeriWed Properties. Densities for
both pure liquids 1,8-cineole and propan-1-ol and their binary
mixtures were measured at four temperatures of (283.15, 298.15,
313.15, and 328.15) K and pressures from (20 to 40) MPa in
steps of 5 MPa. The experimental results appear in Table 2.
The absolute deviations between experimental and bibliographic
data for propan-1-ol19-21 are less than 0.16 % and for
1,8-cineole5,17 are less than 0.25 %. For each composition, the
densities of the compressed liquid were correlated with the
modified Tait equation:22

Table 2. Density, G, as a Function of Temperature, Pressure, and Mole Fraction for 1,8-Cineole (1) + Propan-1-ol (2)

F/kg ·m-3

P/MPa P/MPa

20 25 30 35 40 20 25 30 35 40

x1 T/K ) 283.15 T/K ) 298.15
0 825.1 828.4 831.5 834.5 837.4 814.2 817.6 820.9 824.0 827.1
0.0499 839.5 842.9 845.8 848.9 851.6 828.6 831.8 835.1 838.1 841.2
0.1061 853.7 856.9 859.8 862.8 865.5 842.6 845.8 849.0 852.0 855.0
0.2029 873.3 876.4 879.3 882.3 885.0 862.0 865.2 868.4 871.4 874.4
0.3028 889.7 892.8 895.6 898.6 901.4 878.3 881.6 884.7 887.7 890.6
0.3955 901.8 905.0 907.9 910.7 913.5 890.5 893.7 896.7 899.8 902.7
0.4938 912.4 915.6 918.5 921.3 924.0 901.0 904.3 907.3 910.3 913.2
0.5904 921.2 924.4 927.3 930.1 932.9 909.7 912.9 915.9 918.9 921.9
0.7000 929.6 932.8 935.7 938.5 941.2 917.9 921.1 924.2 927.1 930.1
0.7915 935.7 938.9 941.7 944.6 947.3 923.9 927.1 930.2 933.2 936.1
0.8954 941.2 944.3 947.2 950.1 952.8 929.4 932.6 935.7 938.8 941.6
0.9332 942.9 946.1 949.0 951.8 954.5 931.1 934.3 937.3 940.3 943.3
1 945.9 949.1 952.0 954.9 957.6 934.1 937.4 940.5 943.4 946.4

x1 T/K ) 313.15 T/K ) 328.15
0 803.1 806.9 810.4 813.7 817.0 792.0 795.8 799.6 803.1 806.6
0.0499 817.1 820.8 824.3 827.5 830.7 805.9 809.7 813.3 816.8 820.2
0.1061 831.0 834.7 838.1 841.3 844.5 819.7 823.5 827.1 830.6 833.9
0.2029 850.4 854.0 857.4 860.7 863.9 838.9 842.6 846.3 849.6 853.1
0.3028 866.6 870.2 873.5 876.7 879.8 854.9 858.6 862.1 865.6 868.9
0.3955 878.6 882.2 885.5 888.7 891.7 866.9 870.5 874.0 877.4 880.9
0.4938 889.1 892.6 895.9 899.0 902.1 877.2 880.9 884.4 887.9 891.2
0.5904 897.7 901.2 904.5 907.6 910.8 885.9 889.6 893.1 896.5 899.9
0.7000 905.8 909.3 912.6 915.8 918.9 894.0 897.7 901.2 904.6 908.0
0.7915 911.8 915.3 918.6 921.8 924.9 899.9 903.7 907.2 910.5 913.9
0.8954 917.3 920.8 924.0 927.3 930.5 905.5 909.3 912.7 916.2 919.5
0.9332 919.1 922.5 925.9 929.1 932.2 907.3 911.0 914.5 917.9 921.3
1 922.3 925.8 929.1 932.4 935.5 910.6 914.3 917.9 921.3 924.7

Table 1. Experimental and Literature Normal Boiling Points, Tb,
and Densities, G, for the Pure Liquids at T ) 298.15 K and P ) 0.1
MPa

F/kg ·m-3 Tb/K

exp. lit. exp. lit.

1,8-cineole 920.68 920.24a 449.2 449.2b

921.8c 449.6d

920.29e

920.13f

propan-1-ol 799.94 800.64a 370.2 370.35g

799.6c 370.93h

799.75g 370.21i

799.66j

799.91k

a Ref 4. b Ref 9. c Ref 5. d Ref 10. e Ref 7. f Ref 8. g TRC. h Ref 13.
i Ref 14. j Ref 11. k Ref 12.

F ) x1F1 + x2F2 + ∑
i)0

N

Ai(2x1 - 1)i (1)
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where C(T) and B(T) are temperature-dependent functions. In
this work, B(T) was given by:

and C is assumed to be independent of temperature. F(0.1 MPa,
T) has the following dependence on the temperature:

where T0/K ) 273.15 and ai have been considered as adjustable
parameters. The densities F(0.1 MPa, T) obtained from the
adjustment deviate less than 3 % from experimental values at
(298.15 and 313.15) K.4 The coefficients of eqs 3 and 4 are
listed in Table 3 along with the value of C and the standard
deviation of the fitting for each composition. Figure 1a shows
the measured densities and the smoothing equations for 1,8-
cineole + propan-1-ol as a function of mole fraction of 1,8-
cineole and pressure at the temperatures of (283.15 and
328.15) K.

Differentiating eq 2 with respect to temperature and pressure,
the isobaric thermal expansion, RP, and the isothermal com-
pressibility, κT, can be determined. It is well-known23 that
analytical differentiation of the Tait equation with respect to
pressure is certainly the most direct way to obtain reliable values
of isothermal compressibility. The calculated isothermal com-
pressibilities were estimated to have an expanded uncertainty

Figure 1. (a) Density, F, (b) excess molar volume, Vm
E , (c) isobaric thermal expansion, RP, and (d) isothermal compressibility, κΤ, for 1,8-cineole (1) +

propan-1-ol (2) as a function of mole fraction and pressure at the temperatures: b, T ) 283.15 K and O, T ) 328.15 K. Contour plots appear at the bottom
of the figures.

Table 3. Coefficients of the Tait Equation for Pure Liquids and
1,8-Cineole (1) + Propan-1-ol (2) along with the Corresponding
Standard Deviation of the Fittinga

x1 ) 0 x1 ) 0.0499 x1 ) 0.1061 x1 ) 0.2029 x1 ) 0.3028

a0/kg ·m-3 818.53 0.83332 0.84787 0.86798 0.88433
a1/kg ·m-3 ·K-1 -0.7596 -0.7792 -0.7897 -0.7872 -0.7900
a2 ·103/kg ·m-3 ·K-2 -0.812 -0.757 -0.808 -0.808 -0.889
b0/MPa 91.9 86.6 88.2 117.1 104.9
b1/MPa ·K-1 -0.484 -0.458 -0.498 -0.625 -0.556
C 0.084 0.078 0.076 0.092 0.082
σ/kg ·m-3 0.08 0.11 0.09 0.07 0.11

x1 ) 0.3955 x1 ) 0.4938 x1 ) 0.5904 x1 ) 0.7000

a0/kg ·m-3 896.84 907.21 916.58 924.93
a1/kg ·m-3 ·K-1 -0.7880 -0.7995 -0.8193 -0.8400
a2 ·103/kg ·m-3 ·K-2 -0.990 -1.020 -0.652 -0.500
b0/MPa 117.0 91.8 121.4 105.1
b1/MPa ·K-1 -0.609 -0.521 -0.631 -0.575
C 0.088 0.071 0.089 0.078
σ/kg ·m-3 0.10 0.08 0.11 0.07

x1 ) 0.7915 x1 ) 0.8954 x1 ) 0.9332 x1 ) 1

a0/kg ·m-3 930.81 936.57 938.49 940.68
a1/kg ·m-3 ·K-1 -0.8400 -0.8384 -0.8471 -0.8420
a2 ·103/kg ·m-3 ·K-2 -0.525 -0.502 -0.315 -0.361
b0/MPa 95.6 114.3 118.9 105.3
b1/MPa ·K-1 -0.525 -0.605 -0.632 -0.571
C 0.072 0.083 0.085 0.079
σ/kg ·m-3 0.06 0.11 0.07 0.13

a σ ) [∑i)1
N (Fi,exp - Fi,calc)2/(N - P)]1/2; where N ) number of

experimental points and P ) number of adjustable parameters.

F(P, T) ) F(0.1 MPa, T)(1 - C(T) ln
B(T) + P/MPa
B(T) + 0.1 MPa)

(2)

B(T) ) b0 + b1(T - T0) (3)

F(0.1 MPa, T) ) a0 + a1(T - T0) + a2(T - T0)
2

(4)
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(calculated uncertainty multiplied by a coverage factor of 2) of
( 14 TPa-1. In a similar way, values of the isobaric thermal
expansion could be determined from analytical calculation, but
Cerdeiriña et al.24 and Troncoso et al.25 have found that the
isobaric thermal expansion so estimated highly depends on the
functions chosen for B(T) and F(0.1 MPa, T). Therefore, they
recommend determining this property from the densities mea-
sured at constant pressure using a numerical procedure. Then,
RP was obtained in the pressure and temperature ranges
following this procedure, and the expanded uncertainty of the
values so determined is ( 0.005 kK-1. The calculated values
of κT and RP are given respectively in Tables S2 and S3 of
Supporting Information. Figure 1c and d show κT and RP for
1,8-cineole + propan-1-ol as a function of mole fraction of 1,8-
cineole and pressure at the temperatures of (283.15 and
328.15) K.

Excess molar volumes were determined at each pressure and
temperature using the relationship:

where M1 and M2 are the molar masses of 1,8-cineole and
propan-1-ol, respectively. Table S4 of Supporting Information
reports the calculated values of excess molar volumes. The
estimated uncertainty of Vm

E is ( 5 ·10-8 m3 ·mol-1. The Vm
E was

fitted by means of the Redlich-Kister equation:

Table 4. Parameters of the Redlich-Kister Polynomial, Equation 6,
for the Excess Molar Volume, Vm

E, of 1,8-Cineole (1) + Propan-1-ol
(2) along with the Corresponding Standard Deviations σ at the
Given Pressure P and Temperature Ta

P/MPa

20 25 30 35 40

T/K ) 283.15
B0 · 106/m3 ·mol-1 -2.300 -2.263 -2.203 -2.129 -2.104
B1 · 106/m3 ·mol-1 0.580 0.541 0.461 0.512 0.487
B2 · 106/m3 ·mol-1 -0.68 -0.56 -0.44 -0.54 -0.41
σ ·106/m3 ·mol-1 0.01 0.01 0.01 0.01 0.01

T/K ) 298.15
B0 · 106/m3 ·mol-1 -2.417 -2.357 -2.259 -2.236 -2.175
B1 · 106/m3 ·mol-1 0.650 0.655 0.625 0.532 0.564
B2 · 106/m3 ·mol-1 -0.47 -0.25 -0.33 -0.42 -0.28
σ ·106/m3 ·mol-1 0.01 0.01 0.02 0.02 0.01

T/K ) 313.15
B0 ·106/m3 ·mol-1 -2.318 -2.267 -2.191 -2.098 -2.043
B1 · 106/m3 ·mol-1 0.817 0.792 0.777 0.833 0.739
B2 · 106/m3 ·mol-1 -0.14
σ ·106/m3 ·mol-1 0.01 0.02 0.01 0.02 0.01

T/K ) 328.15
B0 ·106/m3 ·mol-1 -2.253 -2.166 -2.065 -2.033 -1.990
B1 · 106/m3 ·mol-1 0.909 0.819 0.863 0.819 0.818
B2 · 106/m3 ·mol-1 -0.24 0.14
σ ·106/m3 ·mol-1 0.01 0.02 0.02 0.01 0.01

a

σ ) �∑
i)1

N

(Vm,i,exp
E - Vm,i,calc

E )2/(N - P)

where N ) number of experimental points and P ) number of adjustable
parameters.

Table 5. Equilibrium Temperatures, T, Liquid Phase Mole Fractions, x1, Vapor Phase Mole Fractions, y1, Activity Coefficients, γi, and Reduced
Excess Molar Gibbs Function, Gm

E/RT, of 1,8-Cineole (1) + Propan-1-ol (2)

T/K x1 y1 γ1 γ2 Gm
E/RT T/K x1 y1 γ1 γ2 Gm

E/RT

P/kPa ) 33.33
343.7 0.0084 0.0019 2.6093 0.9849 -0.0070 352.4 0.5250 0.0746 1.1038 1.3088 0.1797
343.8 0.0383 0.0079 2.3677 1.0049 0.0377 353.9 0.5806 0.0855 1.0714 1.3762 0.1739
344.8 0.1005 0.0178 1.9401 1.0174 0.0822 357.3 0.6412 0.1108 1.0864 1.3610 0.1637
345.2 0.1308 0.0217 1.7837 1.0303 0.1017 361.0 0.7394 0.1407 1.0246 1.5625 0.1342
345.6 0.1566 0.0254 1.7118 1.0394 0.1167 362.6 0.7671 0.1550 1.0186 1.6150 0.1258
346.9 0.2286 0.0355 1.5438 1.0624 0.1459 370.5 0.8493 0.2339 1.0138 1.6789 0.0897
348.4 0.3037 0.0468 1.4308 1.0900 0.1688 378.1 0.9045 0.3297 1.0071 1.7671 0.0607
349.1 0.3471 0.0518 1.3425 1.1220 0.1774 385.8 0.9404 0.4516 1.0065 1.7860 0.0407
350.1 0.4090 0.0588 1.2366 1.1790 0.1842 395.2 0.9731 0.6399 1.0023 1.9280 0.0199
351.3 0.4733 0.0670 1.1543 1.2463 0.1839 403.2 0.9912 0.8374 0.9972 2.0968 0.0038

P/kPa ) 66.66
359.9 0.0239 0.0051 2.3804 0.9833 0.0043 375.0 0.6305 0.1079 1.0478 1.3289 0.1345
360.0 0.0621 0.0110 1.9668 1.0133 0.0544 378.0 0.6978 0.1306 1.0246 1.4265 0.1243
361.0 0.1178 0.0184 1.6634 1.0283 0.0845 382.9 0.7615 0.1696 1.0205 1.4626 0.1062
362.3 0.1894 0.0271 1.4439 1.0547 0.1128 386.9 0.8131 0.2072 1.0139 1.5630 0.0947
363.3 0.2470 0.0342 1.3411 1.0846 0.1337 392.7 0.8605 0.2663 1.0100 1.6132 0.0753
364.9 0.3234 0.0434 1.2181 1.1250 0.1435 400.0 0.9063 0.3562 1.0099 1.6908 0.0582
366.6 0.3943 0.0534 1.1482 1.1666 0.1478 405.8 0.9354 0.4393 1.0059 1.8077 0.0437
368.2 0.4649 0.0633 1.0834 1.2312 0.1486 409.6 0.9492 0.5017 1.0084 1.8383 0.0389
370.3 0.5192 0.0761 1.0742 1.2514 0.1450 417.4 0.9716 0.6454 1.0084 1.9009 0.0264
372.5 0.5761 0.0909 1.0623 1.2900 0.1427 428.8 0.9942 0.8949 0.9989 2.0783 0.0032

P/kPa ) 101.33
370.3 0.0222 0.0036 1.7843 0.9858 -0.0012 382.7 0.5137 0.0787 1.0608 1.1944 0.1167
370.4 0.0421 0.0063 1.6397 0.9999 0.0207 385.2 0.5707 0.0947 1.0514 1.2250 0.1157
371.2 0.0872 0.0129 1.5711 1.0128 0.0510 387.8 0.6237 0.1118 1.0373 1.2612 0.1102
372.3 0.1369 0.0192 1.4276 1.0233 0.0686 393.1 0.7082 0.1501 1.0241 1.3187 0.0976
373.7 0.2032 0.0275 1.3057 1.0459 0.0900 397.6 0.7659 0.1878 1.0214 1.3713 0.0902
375.3 0.2715 0.0365 1.2209 1.0717 0.1046 405.1 0.8397 0.2592 1.0134 1.4705 0.0730
377.2 0.3478 0.0469 1.1408 1.1088 0.1132 413.2 0.8955 0.3537 1.0151 1.5770 0.0610
379.2 0.4165 0.0581 1.0962 1.1441 0.1168 419.1 0.9230 0.4325 1.0154 1.6121 0.0509
379.8 0.4357 0.0616 1.0870 1.1550 0.1176 427.8 0.9538 0.5677 1.0146 1.6515 0.0370
381.5 0.4836 0.0716 1.0702 1.1795 0.1181 440.5 0.9867 0.8090 1.0081 1.8964 0.0165

Vm
E(P, T) ) x1M1(1

F
- 1

F1
) + x2M2(1

F
- 1

F2
) (5)

Journal of Chemical & Engineering Data, Vol. 55, No. 12, 2010 5935



where Bi are adjustable parameters whose values are listed in
Table 4 along with the corresponding standard deviations of
the fitting. The excess molar volumes and the correlation curves
provided by eq 6 are shown at the temperatures of (283.15 and
328.15) K in Figure 1b as a function of the composition of 1,8-
cineole and pressure. For all mixtures, Vm

E is negative over the
whole temperature and pressure ranges as occurred at atmo-
spheric pressure for the same system, indicating that the mixture
is better packed than the pure compounds.4 It is noticeable that
Vm

E does not change with temperature in the pressure range
studied.

Vapor-Liquid Equilibrium Determination. The isobaric
VLE of the mixture 1,8-cineole + propan-1-ol was experimen-
tally determined at the pressures of (33.33, 66.66, and 101.33)
kPa. The experimental data, namely, equilibrium (boiling)
temperatures and compositions of vapor and liquid phases, are
gathered in Table 5 and plotted in Figure 2. From these data
the activity coefficients (γi) were calculated according to the
following equations:

and

where xi and yi are the liquid and vapor mole fractions for the
i component, P is the total pressure, T the temperature, Pi

sat the
vapor pressure of component i at temperature T, Vi

0 the molar
volume of component i, and R the universal gas constant. In eq
7 the Bii and Bij are the second virial coefficient of the pure
liquids and the second cross virial coefficient, respectively: the
virial coefficients were obtained from the correlation reported
by Tsonopoulos.26,27

To obtain the vapor pressures of the components, the boiling
temperatures of the pure components were also measured at
several pressures, being the experimental data listed in Table

Figure 2. T-x-y sections for the 1,8-cineole (1) + propan-1-ol (2): 0, experimental data at P ) 33.33 kPa; O, experimental data at P ) 66.66 kPa; 4,
experimental data at P ) 101.33 kPa; s, predictions with kij ) 0; - · - · -,correlations with kij adjusted to best represent the measured VLE. (a)
Peng-Robinson; (b) Patel-Teja; (c) SAFT; (d) PC-SAFT.

Vm
E(P, T) ) x1x2[B0 + B1(2x1 - 1) + B2(2x1 - 1)2]

(6)
γi )

Pyi exp[(Vi
0 - Bii)(P - Pi

sat) - (1 - yi)
2Pδij

RT ]
Pi

satxi

(7)

δij ) 2Bij - Bii - Bjj (8)
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6. For 1,8-cineole the vapor pressures were fitted to an Antoine
equation that reproduces accurately the data. For calculations,
the vapor pressure data of propan-1-ol were obtained from a
Wagner equation taken from the literature.12 This equation
reproduces accurately our own measurements and allows us to
obtain vapor pressures of propan-1-ol for temperatures above
our experimental range. The values of the coefficients for both
equations (Antoine and Wagner) are provided in Table 7. Figure
3 compares the measured vapor pressures for 1,8-cineole with
values reported in the literature9,10,28 as a function of the
reciprocal of the temperature.

The excess molar Gibbs energy can be calculated from the
activity coefficients using

The values of the activity coefficients and the excess molar
Gibbs energy are listed in Table 5. It can be seen that they are
always positive, and then the system deviates positively from
the Raoult law. This can be attributed to the prevailing effect
of the breaking of the interactions existing in the pure
compounds, breaking that is corroborated by the positive values
of the excess enthalpy.3

Three activity coefficient models (Wilson,29 NRTL,30 and
UNIQUAC31) were used to correlate the values reported in
Table 6 by minimizing the objective function (OF)

where m is the total number of experimental data for each
pressure, superscript exp refers to values obtained from eqs 7
and 8 and superscript cal refers to values calculated from one
of the models (Wilson, NRTL, and UNIQUAC). The thermo-
dynamic consistency of the experiments was determined by the
van Ness method32 described by Fredenslund et al.33 that
considers experimental data thermodynamically consistent if the
average absolute deviation between calculated and measured
vapor phase composition, ∆y, is lower than 0.01. Table 8 shows
the fitted parameters of the models (Aij) and their average
absolute deviation of the vapor phase composition (∆y) and
temperature (∆T). At the sight of these results, it can be
concluded that the data are consistent.

Equations of State (EOS) Analysis. In this work two cubic
EOS were used to describe the thermodynamic behavior of the
mixtures: Peng-Robinson (PR)34 and Patel-Teja (PT).35 The
properties of pure components needed to apply these equations
are shown in Table 9. For 1,8-cineole critical properties were
calculated according to Joback’s method,36 and the acentric
factor estimated using the Lee-Kesler method,37 whereas for
propan-1-ol these properties were taken from literature.13 The
van der Waals mixing rule13 was used to calculate the
corresponding parameters for the mixture. The cross terms in
the mixing rule were obtained from the classical quadratic
combining rule.13 The c parameter for the Patel-Teja EOS was
taken as the arithmetical mean of c1 and c2 following the
indications of Pfohl et al.38 The equations corresponding to the
mixing and combining rules can be found in the Supporting
Information. To test the ability of the models to predict the high
pressure liquid densities and the VLE, the interaction parameters
kij and lij were considered equal to zero. The results obtained
are listed in Tables S5 and S6 of the Supporting Information
for high pressure liquid densities and in Tables S9 and S10 for
the VLE.

The SAFT39-41 and PC-SAFT42,43 equations of state were
also used to model the VLE and the P-F-T behavior of 1,8-
cineole + propan-1-ol. These equations account for the specific
interactions between molecules, such as hydrogen bonds in
carboxylic acid or alcohol groups. The parameters of the models
for 1,8-cineole were evaluated from the correlation of our vapor
pressure properties and liquid densities, while those for propan-
1-ol were taken from literature.39,43 All parameters are listed in
Table 9.

In this work, van der Waals one-fluid mixing rules were used
for SAFT and PC-SAFT. For the SAFT equation, the so-called

Table 6. Experimental Vapor Pressure of Pure Components

Propan-1-ol

T/K Psat/kPa T/K Psat/kPa

319.65 10.00 355.05 55.00
327.25 15.00 357.05 60.00
332.95 20.00 359.05 65.00
337.45 25.00 359.65 66.66
341.25 30.00 360.85 70.00
343.55 33.33 362.55 75.00
344.65 35.00 364.15 80.00
347.65 40.00 365.65 85.00
350.35 45.00 367.15 90.00
352.75 50.00 370.05 101.33

1,8-Cineole
326.65 1.33 424.65 53.33
341.55 2.67 428.85 60.00
357.25 5.33 432.75 66.66
363.45 6.67 436.35 73.33
381.45 13.33 439.75 79.99
392.75 20.00 442.85 86.66
401.75 26.66 445.85 93.33
408.65 33.33 448.65 99.61
414.65 40.00 449.15 101.33
419.95 46.66

Table 7. Coefficients for the Equations of Vapor Pressure. The
Equation of Antoine Provides Psat/kPa using T/K. Capital Letters:
Equation of Antoine; Lower Case Letters: Wagner Equation

A/a B/b C/c d Tmin/K Tmax/K

1,8-cineole 13.9128 3523.60 -70.03 324.2 429.2
1-propanola -8.53706 1.96214 -7.6918 2.945 Tc

a Ref 14.

Figure 3. Vapor pressure Psat of 1,8-cineole. 0, experimental data; O, by
Stull;9 s, by Farelo et al.;10 - · -, by Hazra et al.28

Gm
E

RT
) x1 ln(γ1) + x2 ln(γ2) (9)

OF ) ∑
j)1

m [(γ1,j
exp - γ1,j

cal

γ1,j
exp )2

+ (γ2,j
exp - γ2,j

cal

γ2,j
exp )2] (10)
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vdW1 mixing rules39 were applied to the segment energy, and
for PC-SAFT the conventional Berthelot-Lorentz combining
rules42 were used. As in the case of the cubic EOS, the mixing
and combining rules can be found in the Supporting Information.
Tables S7 and S8 report the predictions (kij equal to zero) for
the high-pressure liquid densities, and Tables S11 and S12 list
the predicted VLE.

Figure 4 compares the density predicted from the four EOS
with the experimental values at T/K ) 283.15 and T/K )
328.15, while Figure 2 compares the VLE. Deviations between
experimental data and predictions are reported in Table 10. The

best density predictions are obtained from PC-SAFT with an
average relative deviation (ARD) of 0.95 %. For the four EOS,
the performance clearly depends on the accuracy of the
prediction of the densities for the pure compounds. The PR
equation underestimates the density of propan-1-ol (ARD ) 2.81
%) but overestimates the density of 1,8-cineole (ARD ) 6.00
%). For this reason, errors are compensated, and as a result the
ARD ) 3.02 % is obtained for the mixture. PT and SAFT
overestimate the densities of both compounds. Because of this,
higher deviations are found for PT and SAFT EOS (ARD )
5.97 % for PT and ARD ) 4.93 % for SAFT). Referring to the

Table 8. Correlation Parameters for the Activity Coefficient
Models, Aij (λij - λii) for Wilson, ∆gij for NRTL, and ∆uij for
UNIQUAC, Average Deviation in Vapor Phase Mole Fraction, ∆y,
and Average Deviation in Temperature, ∆T

P/kPa ) 33.33

model A12/J ·mol-1 A21/J ·mol-1 ∆y ∆T/K

Wilson -312.76 3037.53 0.0041 0.3
NRTLa 332.80 2368.27 0.0035 0.3
UNIQUAC 1406.35 -726.65 0.0035 0.3

P/kPa ) 66.66
Wilson -932.39 3375.79 0.0065 0.6
NRTLa 311.63 2150.07 0.0066 0.6
UNIQUAC 1751.02 -1011.10 0.0053 0.5

P/kPa ) 101.33
Wilson -1950.67 3859.01 0.0062 0.7
NRTLa 860.77 960.51 0.0068 0.8
UNIQUAC 2124.84 -1343.72 0.0050 0.6

a R ) 0.4.

Table 9. Properties and Parameters of the Pure Components Used for the Application of the EOS

PR and PT Tc/K Pc/MPa Ω

1,8-cineole 661.12a 3.019a 0.761b

propan-1-ol 536.98c 5.175c 0.629c

SAFT m νoo/L ·mol-1 u0/k/K κ ε/k/K range T/K

1,8-cineole 5.4533 0.017607 247.83 0 0 327.25-449.15
propan-1-ol 3.240d 0.0120d 225.68d 0.01968d 2619d 293-493d

PC-SAFT mi σi/Å εi/k/K kAiBi εAiBi/k/K range T/K

1,8-cineole 4.5346 3.8060 263.34 0 0 327.25-449.15
propan-1-ol 2.9997e 3.2522e 233.40e 0.015268e 2276.8e 240-537e

a Joback’s method, ref 35. b Lee-Kesler method, ref 36. c Ref 13. d Ref 38. e Ref 42.

Figure 4. Density F of compressed mixture: b, experimental data; s, Peng-Robinson; · · · · , Patel-Teja; ----, SAFT; - · - · -, PC-SAFT (a) at T ) 283.15
K and P ) 40 MPa and (b) at T ) 328.15 K and P ) 20 MPa.

Table 10. Average Relative Deviations for Density (ARD %) and
Average Absolute Deviations for Liquid and Vapor Phase (∆x and
∆y) between Experimental Data and Those Calculated by EOSa

EOS ARD % F

∆x ∆y ∆x ∆y

kij ) 0 kij * 0

PR 3.02 0.0510 0.0119 0.0163 0.0039
PT 5.97 0.0775 0.0195 0.0149 0.0045
SAFT 4.93 0.0342 0.0142 0.0252 0.0086
PC-SAFT 0.95 0.0789 0.0061 0.0567 0.0126

a

ARD % ) 1/N∑
i)1

N

|Fi
exp - Fi

cal| /Fi
exp

∆z ) 1/N∑
i)1

N

|zi
exp - zi

cal|

where N ) total number of experimental points and z ) liquid phase
composition (x1) or vapor phase composition (y1).
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VLE, the four EOS give good predictions for the dew points.
However, significant deviations are found for bubble points. The
best predictions are obtained by SAFT (∆x ) 0.0342). Although
the deviations for cubic EOS are lower than those for PC-SAFT
(∆x ) 0.0789), the shape of the T-x-y diagrams obtained
through PC-SAFT conforms more closely to the measured
values. A reason for this is that in the propan-1-ol rich zone
small errors in temperature lead to large errors in liquid phase
composition.

Given the mentioned deviations between experimental values
and those predicted by the EOS, the measured VLE were
correlated with each EOS by adjusting the interaction parameters
kij at each temperature and then fitting them to a simple
polynomial function of temperature. In the case of the cubic
EOS, the lij parameter was assumed equal to zero. The kij(T)
are listed in Table 11 for each EOS, and the results of these
correlations are shown in Tables S13 to S16. The new dew and
bubble lines can be found in Figure 2. The agreement between
experimental and calculated values for the VLE is significantly
improved by the use of the interaction parameters in the case
of the cubic equations (∆x ) 0.0163 for PR and ∆x ) 0.0159
for PT). The highest deviations (∆x ) 0.0567) correspond, as
before, to PC-SAFT that continues giving bubble points greater
than the experimental values in propan-1-ol rich fluids.

Conclusions

Densities of 1,8-cineole + propan-1-ol were measured at the
temperatures of (283.15, 298.15, 313.15, and 328.15) K and
pressures from (20 to 40) MPa in steps of 5 MPa. The isobaric
VLE of that mixture was also determined at pressures of (33.33,
66.66, and 101.33) kPa. Several derived properties were
calculated from the experimental data. The excess molar Gibbs
energy is positive over the whole composition range, pointing
to the prevalence of a breaking of interactions. The excess molar
volume is negative over the whole composition range indicating
a better packing of the molecules in the mixture. The
Peng-Robinson, Patel-Teja, SAFT, and PC-SAFT EOS have
been used to predict both density and VLE. PC-SAFT leads to
the better estimates of density, but in fact, none of the models
performs satisfactorily for densities. The four EOS describe quite
accurately the dew points but not the bubble points. For this
reason, the interaction parameters were adjusted to better
represent the experimental data resulting in a significant
improvement in the estimated bubble points.

Supporting Information Available:

Mixing and combination rules used in EOS. Calculated values
of the isothermal compresibilities, the isobaric thermal expansions,
and the excess molar volumes for 1,8-cineole + propan-1-ol.
P-F-T predictions and VLE predictions and correlations of PR,
PT, SAFT, and PC-SAFT equations of state. This material is
available free of charge via the Internet at http://pubs.acs.org.
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