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ABSTRACT: Vapor�liquid (VLE) and vapor�liquid�liquid equilibria (VLLE) data for the carbon dioxide + pentan-1-ol
(n-pentanol) system at (293.15, 303.15, 316.65, and 333.15) K up to 10.67MPa are reported. The experimental method used in this
work was a static�analytical method with liquid and vapor phase sampling. The new experimental results are discussed and
compared with available literature data. Measured data and literature data for the carbon dioxide + n-pentanol system were modeled
with the Soave�Redlich�Kwong (SRK) and Peng�Robinson (PR) equation of state (EoS) using classical van der Waals
(two-parameter conventional mixing rule, 2PCMR) mixing rules. A single set of interaction parameters was used to predict the
complex phase behavior of the binary mixture carbon dioxide + n-pentanol. Both models predict correctly the phase behavior and a
good account of the majority of the data available in the literature.

’ INTRODUCTION

The knowledge of high-pressure phase behavior of carbon
dioxide comprising mixtures is of interest in a variety of pro-
cesses, such as supercritical fluid (SCF) extraction, reaction,
fractionation, nanoparticle formation, separation of nonvolatile
mixtures, supercritical fluid chromatography, hydrothermal crys-
tal growing, hydrothermal destruction of hazardous waste, poly-
mer processing, and so forth, as well as in the simulation of
petroleum reservoirs, enhanced oil recovery, carbon capture and
storage, the transportation and storage of natural gas, refrig-
eration and heat�pump cycles, and the study of geological
processes.1�7

The carbon dioxide + alcohols mixtures at high pressures is of
particular importance in the design, simulation, and optimization
of extraction processes, where the alcohols are used as cosolvents.

In the continuation of our previous studies8�26 on the carbon
dioxide + alcohols systems at high pressures, this work presents
the results for the carbon dioxide + n-pentanol binary mixture.
Our goals were to report new complementary experimental data
and to represent the complex phase behavior of this system with
simple models, using a single set of interaction parameters.

The carbon dioxide + n-pentanol system is class27 2P l (or type
IV fluid phase behavior,28 according to the classification of van
Konynenburg and Scott29). Type IV fluid phase behavior is
characterized by having two separate three-phase loci (gl1l2

27 or
liquid�liquid�vapor,29 LLV). The low temperature branch shows
an upper critical end point (UCE g(l1 = l2)

27 or UCEP29), and the
high-temperature branch shows a lower critical end point (LCE
g(l1 = l2)

27 or LCEP29) and a UCE27 (g = l1)l2 or UCEP.
29 The

critical end point (CE27 or CEP29) of the low-temperature three-
phase locus and the lower CE of the three-phase locus situated at
higher temperature both have the nature l1 = l2 � g
(L = L � V), whereas the higher CE of the high temperature
three-phase equilibrium has the nature l1 � l2 = g (L � L = V).

Among the medium-chained carbon dioxide + alcohols systems,
the carbon dioxide + n-pentanol system has not been widely

studied. Lam et al.30 have reported the UCEP and the quadruple
point (Q-point) solid�liquid�liquid�vapor for this system.
Raeissi et al.28 proved experimentally that the carbon dioxide +
n-pentanol system is type IV phase behavior by measuring the
upper temperature branch of the three-phase line together with
its LCEP and UCEP. They also reported experimental data on
the lower temperature three-phase curve and its UCEP. Several
groups reported isothermal vapor�liquid equilibria (VLE) data
for the carbon dioxide + n-pentanol system. Thus, Jennings
et al.31 reported data at (314.6, 325.9, and 337.4) K, Staby and
Mollerup32 at (283.2, 313.2, 343.2, and 373.2) K, Silva-Oliver
et al.33 at (333.08, 343.69, 374.93, 414.23, and 426.86) K,
Secuianu et al.17 at (313.15 and 353.15) K, and Guti�errez
et al.34 at (313, 323, and 333) K. Laursen et al.35 report solu-
bilities of carbon dioxide in n-pentanol at (313, 325.9, and 343) K
to test the reliability of a new equipment, and Ghaziaskar et al.36

present the composition of n-pentanol in the gas phase of the
carbon dioxide + n-pentanol system at 333 K.

In this work we report new measurements using a static�
analytical method, in a high-pressure visual cell, for carbon
dioxide + n-pentanol at (293.15, 303.15, 316.65, and 333.15) K
and pressures between (0.51 and 10.67) MPa. We also measured
the upper-temperature three-phase line and its LCEP andUCEP.

Measured and literature data for the carbon dioxide + n-
pentanol system were modeled with two cubic equations of state
(Soave�Redlich�Kwong,37 SRK, and Peng�Robinson,38 PR)
coupled with classical van der Waals mixing rules. A single set
of binary parameters was used to predict the global phase
behavior of the system for a large range of pressure and
temperature. Although the models are simple, they are able
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to represent correctly the complex phase equilibria of the system
studied in this work.

’EXPERIMENTAL SECTION

Materials.Carbon dioxide (w > 0.997) was provided by Linde
Gaz Romania, and n-pentanol (w > 0.990) was a Fluka product.
The chemicals were used without further purification, except for
careful degassing and drying of the n-pentanol.
Apparatus and Procedure. A detailed description of the

experimental apparatus is presented in earlier papers.23,24 The
apparatus used in this work is based on the static�analytical
method with liquid and vapor phase sampling. The procedure is
the same as in our previous papers.8�26,39 The entire internal
loop of the apparatus including the equilibrium cell was rinsed
several times with carbon dioxide. Then, the equilibrium cell,
which has a maximum volume of 60 cm3, was evacuated with a
vacuum pump. The temperature in the cell is measured with a
Ni�Cr�Ni thermocouple (accuracy ( 0.1 K). The pressure is
measured with two pressure gauges (type S 10, WIKA, Germany;
accuracy 0.25 % of span; model 2089QG, Precision Digital Test
Gauges, Ashcroft, USA,( 0.05 % of span). The cell was charged
with n-pentanol, and then it was slightly pressurized with carbon
dioxide to the experimental pressure and was heated to the
experimental temperature. To facilitate the approach to an
equilibrium state, the mixture in the cell was stirred for a few
hours. Then, the stirrer was switched off, and about 1 h was

allowed to pass until the coexisting phases were completely
separated. Samples of the liquid and vapor phases were collected
by depressurization and expansion into glass traps, by using
manually operated valves. The valves were operated in such a
way as to keep the pressure in the visual cell almost constant
(ΔP < 0.05 MPa). The total amounts of the organic substance in
the glass trap were about (0.05 and 0.2) g for the vapor and liquid
phases, respectively. The amount of carbon dioxide in each phase
was obtained by expansion in a glass bottle of calibrated volume
(150( 0.01 cm3). In a typical experiment, themeasured volumes
of carbon dioxide were about 100 cm3 from the vapor phase and
50 cm3 from the liquid phase. The experimental uncertainty of
the measured volumes is smaller than ( 0.02 %. The liquid
samples of both phases were weighed with a precision balance
(model: HM-200, A&D Instruments Ltd., Tokyo, Japan) with
an accuracy of ( 0.0001 g. We estimate the uncertainties in
our measurements to be within ( 0.1 K for temperature and
to be better than ( 10 kPa for pressure from calibration
with a precision hydraulic dead-weight tester (model 580C,
DH-Budenberg SA, Aubervilliers, France).

’MODELING

The phase behavior (critical curves, LLV lines, isothermal
VLE, liquid�liquid equilibria (LLE), and vapor�liquid�liquid
equilibria (VLLE)) of the carbon dioxide + n-pentanol binary
systemwasmodeled using the Soave�Redlich�Kwong (SRK)37

and Peng�Robinson (PR)38 equations of state (EoS's) coupled
with classical van der Waals mixing rules.

The SRK37 EoS is:

P ¼ RT
V � b

� aðTÞ
VðV þ bÞ ð1Þ

where the two constants, a and b, are:

a ¼ 0:42748
R2Tc

2

Pc
αðTÞ ð2Þ

Table 1. Mole Fraction of Component 1 in the Liquid Phase,
x1, andMole Fraction of Component 1 in the Vapor Phase, y1,
at Pressure, P, and Temperature, T, for the Binary System
Carbon Dioxide (1) + n-Pentanol (2)a

x1 y1 P/MPa x1 y1 P/MPa

T/K = 293.15( 0.1

0.0358 0.9924 0.52 0.4583 0.9988 4.74

0.0738 0.9960 0.98 0.5960 0.9986 5.23

0.1572 0.9986 1.97 0.7457 0.9980 5.42

0.2486 0.9989 2.92 0.7641 0.9980 5.45

0.3832 0.9988 4.20

T/K = 303.15( 0.1

0.0394 0.9928 0.60 0.3668 0.9986 4.70

0.0668 0.9962 1.00 0.4843 0.9982 5.78

0.1504 0.9980 2.03 0.5509 0.9968 6.27

0.2293 0.9986 3.00 0.8463 0.9945 6.74

0.2990 0.9988 4.09 0.8471 0.9946 6.75

T/K = 316.65( 0.1

0.0278 0.9883 0.51 0.2654 0.9975 4.30

0.0782 0.9937 1.25 0.3328 0.9975 5.31

0.1301 0.9969 2.29 0.4089 0.9969 6.28

0.2008 0.9975 3.23 0.4823 0.9959 7.32

T/K = 333.15( 0.1

0.0383 0.9889 0.59 0.3144 0.9932 5.88

0.0725 0.9905 1.41 0.3927 0.9919 7.34

0.1388 0.9926 2.65 0.4638 0.9903 8.48

0.1820 0.9935 3.38 0.5507 0.9875 9.75

0.2365 0.9931 4.55 0.6208 0.9836 10.67
a u(T) = 0.1 K, u(p) = 0.01 MPa, and u(x1) = u(y1) = 0.001.

Figure 1. Pressure composition data for the carbon dioxide (1) + n-
pentanol (2) system: 9, 293.15 K; 2, 303.15 K; /, 316.65 K; b,
333.15 K.
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b ¼ 0:08664
RTc

Pc
ð3Þ

αðTR,ωÞ ¼ ½1 þ mSRKð1� TR
0:5Þ�2 ð4Þ

mSRK ¼ 0:480� 1:574ω� 0:176ω2 ð5Þ

The Peng�Robinson38 is described by the following equation:

P ¼ RT
V � b

� aðTÞ
VðV þ bÞ þ bðV � bÞ ð6Þ

where the two constants, a and b, are:

a ¼ 0:45724
R2Tc

2

Pc
αðTÞ ð7Þ

b ¼ 0:077796
RTc

Pc
ð8Þ

αðTR,ωÞ ¼ ½1 þ mPRð1� TR
0:5Þ�2 ð9Þ

mPR ¼ 0:37464� 1:54226ω� 0:26992ω2 ð10Þ
The two-parameter conventional mixing rules are given by:

a ¼ ∑
i
∑
j
xixjaij ð11Þ

b ¼ ∑
i
∑
j
xixjbij ð12Þ

where

aij ¼ ffiffiffiffiffiffiffi
aiaj

p ð1� kijÞ ð13Þ

bij ¼
bi þ bj

2
ð1� lijÞ ð14Þ

The models were used in a semipredictive approach8 to
represent the complex phase behavior of the investigated system.

’RESULTS AND DISCUSSION

The VLE compositions for the carbon dioxide + n-pentanol
binary system were measured at (293.15, 303.15, 316.65, and
333.15) K, and the results are given in Table 1 and plotted in
Figure 1. The values are typically averages of two or three
measurements. For the phase equilibria measurements, the
uncertainty of the mole fraction is typically 1 % and always
< 3 %. As usual in the literature,40 we calculated the mole
fractions with four decimal places.

Three isotherms at (293.15, 303.15, and 333.15) K were
measured below and above the higher temperature three-
phase line. The 316.65 K isotherm is located on this second
three-phase line. Our data measured at 333.15 K were compared

Figure 2. Comparison of measured and literature data for the carbon
dioxide (1) + n-pentanol (2) system at T = 333.15 K: b, this work; 4,
Silva-Oliver et al.;33 ), Guti�errez et al.34

Table 2. Pressure and Temperature of the Three-Phase
Curve Liquid�Liquid�Vapor for the Binary System Carbon
Dioxide (1) + n-Pentanol (2)a

P/MPa T/K P/MPa T/K

8.74 315.95b 8.86 316.55

8.75 316.00 8.87 316.60

8.76 316.05 8.88 316.65

8.78 316.15 8.89 316.70

8.79 316.20 8.90 316.75

8.80 316.25 8.91 316.80

8.81 316.30 8.92 316.85

8.82 316.35 8.93 316.90

8.83 316.40 8.94 316.95

8.84 316.45 8.95 317.00

8.85 316.50 8.96 317.05c

a u(T) = 0.1 K, u(p) = 0.01 MPa. b Lower critical end point (LCEP).
cUpper critical end point (UCEP).

Figure 3. P�T projection of the higher temperature three-phase curve
for the carbon dioxide (1) + n-pentanol (2) system, comparing experi-
mental results and literature data: +, LLV line, this work; 4, LCEP,
UCEP, this work; b, LLV line, Raeissi et al.;28 [, LCEP, UCEP,
Raeissi et al.28
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with the existing literature data at about the same temperature in
Figure 2. As can be seen, the new data of this work are in good
agreement with both those of Silva-Oliver et al.33 andGuti�errez et al.34

The higher temperature three-phase liquid�liquid�vapor
(LLV) equilibrium curve was experimentally measured at tem-
peratures from (315.95 to 317.05) K and pressures from (8.74 to
8.96) MPa (Table 2). The LCEP and the UCEP were found at
315.95 K and 8.74MPa and 317.05 K and 8.96MPa, respectively,
in agreement with the values reported by Raeissi et al.28 Our
P� T LLV data for carbon dioxide + n-pentanol binary mixtures
agree with those published by Raeissi et al.,28 as shown in
Figure 3, and confirm that this system shows type IV fluid phase
behavior, according to the classification of van Konynenburg and
Scott.29 P hase compositions of the two liquid phases and the
vapor phase as a function of temperature along the LLV line were

not able to be measured with our apparatus, as this LLV line
stretches on less than 2 �C. Also, liquid�liquid equilibria data
measurements for the 316.65 K isotherm located on the higher
temperature three-phase line were not possible using our
experimental setup.

Measured and literature data were modeled with the SRK37

and PR38 EoS's coupled with classical van derWaals mixing rules.
In a previous study17 we showed that correlations for the carbon
dioxide + n-pentanol system with a general equation of state
(GEoS),41�44 SRK, and PR coupled with classical van der Waals
mixing rules and GE�EoS (Huron�Vidal (HV)-residual
UNIQUAC,45,46 MHV1,47 and MHV248) lead to reasonable small
average absolute deviations in bubble-point pressure (AADP, %),
but also to class27 1P l or type II phase behavior, according to the
classification of van Konynenburg and Scott.29 It should be
pointed out that in the mentioned study17 the interaction
parameters for the SRK coupled with HV-residual UNIQUAC

Table 3. Values of Binary Interaction Parameters and Critical End Points of the Carbon Dioxide (1) + n-Pentanol (2) Binary
System

UCEP (L = L � V) LCEP UCEP (L � L = V)

EoS k12 l12 p/MPa T/K p/MPa T/K p/MPa T/K

SRK 0.079 �0.039 3.264 273.5749 8.37933 315.5832 9.56897 322.1859

PR 0.079 �0.039 3.203 273.3908 8.32060 315.5105 9.59747 322.5026

C4EOS49 0.082 �0.042 5.176 296.2000 10.8114 331.8396 10.8115 331.8400

exp this work 8.74 315.95 8.96 317.05

exp 27 3.424 273.60

exp 25 3.413 273.45 8.752 316.02 8.950 317.06

Figure 4. P�T fluid phase diagram of carbon dioxide (1) + n-pentanol
(2) system: ), Silva-Oliver et al.;33 0, Gurdial et al.;52 /, Secuianu;53 b,
critical points of pure components; thin line, vapor pressure curves of
pure components; 4, experimental LCEP, UCEP, this work; +, LLV
line, this work; [, UCEP, LCEP, UCEP, Raeissi et al.;28 b, LLV line,
Raeissi et al.;28 9, Q-point, UCEP, Lam et al.;30 thick line, critical lines
predicted by SRK/2PCMR EoS (k12 = 0.079, l12 = �0.039); 2,
predicted end points by SRK/2PCMR EoS (k12 = 0.079, l12 =
�0.039); dashed line, critical lines predicted by PR/2PCMR EoS
(k12 = 0.079, l12 = �0.039); �, predicted end points by PR/2PCMR
EoS (k12 = 0.079, l12 = �0.039).

Figure 5. P�T fluid phase diagram of carbon dioxide (1) + n-pentanol
(2) system, detailing the higher temperature three phase line and critical
curves: 0, Gurdial et al.;52 /, Secuianu;53 b, critical points of carbon
dioxide; thin line, vapor pressure curves of carbon dioxide; 4, experi-
mental LCEP, UCEP, this work; +, LLV line, this work; [, UCEP,
LCEP, UCEP, Raeissi et al.;28 b, LLV line, Raeissi et al.;28 thick line,
critical lines predicted by SRK/2PCMREoS (k12 = 0.079, l12 =�0.039);
2, predicted end points by SRK/2PCMR EoS (k12 = 0.079,
l12 = �0.039); dashed line, critical lines predicted by PR/2PCMR EoS
(k12 = 0.079, l12 =�0.039);�, predicted end points by PR/2PCMREoS
(k12 = 0.079, l12 = �0.039).
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mixing rules are temperature-dependent, but this did not im-
prove the correlation results regarding the type phase behavior.
Also, Guti�errez et al.34 correlated all of their experimental data
using PR coupled with van der Waals mixing rules and obtained a

set of interaction parameters (k12 = 0.0829; l12 =�0.0469), with
moderate errors in bubble-point pressures. We calculated the
phase diagram using their set of interaction parameters, which
predicts class27 1C1Z or type III phase behavior.29 Polishuk et al.49

used a remarkable single set of interaction parameters in their
approach combined with three different EoS's (PR, Trebble�
Bishnoi�Salim (TBS), and C4EoS) for mixtures of carbon
dioxide + alcohols up to 1-hexanol. They showed that both PR
(k12 = 0.030; l12 =�0.105) and TBS (k12 = 0.054; l12 =�0.053)

Figure 6. P�T projection of the higher temperature three-phase curve
for the carbon dioxide (1) + n-pentanol (2) system, comparing experi-
mental results and predictions with SRK/2PCMR and PR/2PCMR
(k12 = 0.079, l12 =�0.039): +, LLV line, this work;4, LCEP, UCEP, this
work; b, LLV line, Raeissi et al.;28 (, LCEP, UCEP, Raeissi et al.;28 2,
SRK predicted end points (LCEP, UCEP); thick line, SRK predicted
LLV line; �, PR predicted end points (LCEP, UCEP); dashed line, PR
predicted LLV line.

Figure 7. Comparison of measured and literature data for carbon
dioxide (1) + n-pentanol (2) system and prediction results with EoS:
large 0, 283.2 K, Staby and Mollerup;32 9, 293.15 K, this work; 2,
303.15 K, this work; /, 313.0 K, Guti�errez et al.;34 O, 313.0 K, Laursen
et al.;35 (, 313.15 K, Secuianu et al.;174, 313.2 K, Staby andMollerup;32

), 314.6 K, Jennings et al.;31�, 323.0 K, Guti�errez et al.;34 small0, 325.9 K,
Laursen et al.;35 +, 325.9 K, Jennings et al.;31 solid line, SRK/2PCMR;
dashed line, PR/2PCMR.

Figure 8. Comparison of our measured data at 316.65 K for the carbon
dioxide + n-pentanol system and prediction results with SRK and PR
equations (k12 = 0.079, l12 = �0.039): /, 316.65 K; solid line, SRK/
2PCMR; dashed line, PR/2PCMR.

Figure 9. Comparison of literature data for the carbon dioxide +
n-pentanol system and prediction results with SRK/2PCMR and PR/
2PCMR (k12 = 0.079, l12 = �0.039): /, 337.4 K, Jennings et al.;31 0,
343.0 K, Laursen et al.;35 ), 343.2 K, Staby andMollerup;32O, 343.69 K,
Silva-Oliver et al.;33�, 353.15 K, Secuianu et al.;17b, 373.2 K, Staby and
Mollerup;32 4, 374.93 K, (, 414.23 K, +, 426.86 K, Silva-Oliver et al.;33

solid line, SRK/2PCMR; dashed line, PR/2PCMR.
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predict falsely type II phase behavior while C4EOS (k12 = 0.082;
l12 = �0.042) predicts type IV phase behavior, but with high
errors in bubble-point pressures. Also the C4EOS leads to a
significant overestimation of the maximum of the critical curve
and of both temperatures and pressures of the end points.
Therefore, in the present work we followed the approach
presented in our last papers,8,9,39 where a single set of tempera-
ture-independent interaction parameters was used to predict the
critical and subcritical phase behavior in a large range of pressures
and temperatures and the correct type of phase behavior. The
same set of interaction parameters (k12 = 0.079, l12 = �0.039)
was used to predict the VLE and VLLE critical curves and LLV
line for both SRK and PR EoS. The interaction parameter set was
obtained by a trial and error method to reproduce type IV phase
behavior and reasonably well the critical end points. In Table 3
the predicted values of critical end points with SRK and PR EoS
using this set of interaction parameters are presented, together
with the values calculated by Polishuk et al.49 with C4EOS and
the experimental values. It can be seen that the predicted values
of the critical end points by SRK and PR are very close to the
experimental ones, except for the higher temperature UCEP,
which is slightly overestimated. The calculations were made
using the GPEC50,51 software. The topology of global phase
behavior is reasonably predicted by both equations, as well as
the LLV lines and the critical end points. In Figure 4 we plot the
calculated phase diagram by SRK and PR and available experi-
mental data.28,30,33,52 It can be remarked that the differences

between the experimental and predicted lower temperature
three-phase line is less than 0.15 MPa, while the temperatures
are almost identical. Also, very good agreement between the
experimental critical points of the critical curve which connects

Table 4. Average Absolute Deviations in Bubble-Point Pressure (AADP, %) and Average Absolute Deviations in the Vapor-Phase
Compositions (AADY, %) for the Carbon Dioxide (1) + n-Pentanol (2) System Predicted by SRK and PR Equations

T p range SRK PR

K MPa NEXPa AADP % AADY % AADP % AADY % ref

283.20 2.03 to 4.48 7 4.3 5.6 32

293.15 0.52 to 5.45 9 4.1 0.2 5.2 0.2 this work

303.15 0.6 to 6.75 10 4.4 0.2 4.3 0.2 this work

313.00 1.81 to 8.39 9 6.2 1.9 6.8 2.0 34

313.00 1.96 to 7.98 8 3.2 6.4 0.1 35

313.15 0.59 to 7.02 7 6.9 0.1 6.4 0.1 17

313.20 2.15 to 8.55 7 7.0 7.5 32

314.60 5.178 to 8.074 5 4.3 0.0 4.6 0.1 31

316.65 0.51 to 7.32 8 4.7 0.3 4.9 0.2 this work

323.00 1.82 to 10.32 12 6.7 1.0 7.0 1.2 34

325.90 6.164 to 10.556 8 3.2 0.3 3.2 0.4 31

325.90 1.97 to 10.39 15 5.7 5.6 35

333.00 2.4 to 11.72 11 4.8 1.2 4.8 1.3 34

333.08 7.09 to 11.936 8 2.5 0.7 2.8 0.6 33

333.15 0.59 to 10.67 10 6.5 0.5 6.0 0.4 this work

337.40 5.585 to 11.983 9 1.8 0.1 1.5 0.3 31

343.00 2.24 to 13.31 7 5.3 5.1 35

343.20 2.55 to 13.81 6 4.2 4.3 32

343.69 12.18 to 13.609 5 4.4 1.6 5.7 1.3 33

353.15 0.83 to 11.22 11 3.3 0.2 2.8 0.1 17

373.20 2.5 to 17.0 11 2.8 0.5 3.8 0.8 32

374.93 14.512 to 17.034 6 6.5 2.3 8.6 1.3 33

414.23 13.873 to 18.61 6 9.8 3.3 11.4 2.3 33

426.86 3.563 to 18.665 13 13.2 2.0 15.1 1.1 33
aNumber of experimental points.

Figure 10. Average absolute deviations in bubble-point pressures as a
function of temperature: O, SRK; 0, PR.
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the carbon dioxide critical point with the higher temperature
UCEP (Figure 5) and the predicted critical curve is observed.
Despite this, it can be seen that this critical curve is located below
the experimental three-phase line, but the difference is very small,
within the experimental uncertainty.28,52 The maximum pressure
of a second critical curve emerging from the critical point of n-
pentanol and ending in the LCEP is instead overestimated. The
narrow high temperature LLV line is predicted similarly by both
EoS's, as can be seen in Figure 6. While the pressure difference is
between (0.4 and 0.6) MPa, the temperature range is 5 degrees
larger than the experimental one. The new measured data and all
available literature data were compared with SRK and PR
predictions in Figures 7 to 9. The deviations of prediction results
with SRK/2PCMR and PR/2PCMR (k12 = 0.079, l12 =�0.039)
are given in Table 4. The quality of predictions was estimated
from the values of average absolute deviations in bubble-point
pressures (AADP, %), and the average absolute deviations in the
vapor-phase compositions (AADY, %). The AADP and AADY
are calculated by the equations:

AADPð%Þ ¼ 1
Nexp

∑
Nexp

i¼ 1

�
�
�
�
�

Pexpi � Pcalci

Pexpi

�
�
�
�
� 3
100 ð15Þ

AADYð%Þ ¼ 1
Nexp

∑
Nexp

i¼ 1
jY exp

i � Y calc
i j 3 100 ð16Þ

The prediction results are mostly reasonable; the AADP for all
data sets in Table 4 is 5.2 % for SRK EoS and 5.8 % for PR EoS
(Figure 10). The agreement is generally good, but the errors are
higher with increasing temperatures. As expected, the highest
errors occur at temperatures for which the critical pressure was
overestimated, located near to the critical pressure maximum in
the global diagram.

The modeling approach used in this work has advantages to
represent the complex phase behavior of the studied system
correctly.

’CONCLUSIONS

New VLE and LLV experimental data for the binary system
carbon dioxide + n-pentanol were measured at (293.15, 303.15,
316.65, and 333.15) K and pressures up to 10.67 MPa, with a
high-pressure static apparatus. Measured and literature data for
carbon dioxide + n-pentanol system were modeled with cubic
EoS's (SRK, PR) using classical van der Waals (two-parameter
conventional mixing rule, 2PCMR)mixing rules. The same set of
interaction parameters was used to predict the critical and
subcritical phase behavior in the binary mixture carbon dioxide +
n-pentanol with both EoS's. The predicted results were com-
pared both with our experimental data and the available literature
data for carbon dioxide + n-pentanol binary systems.
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