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Abstract

The heats of mixing of gaseous CO2/CH4 mixtures with aqueous solutions of methyldiethanolamine and diethanolamine

have been determined using an isothermal ¯ow calorimeter. Data were collected at 26.7, 76.7 and 126.78C, at total pressures of

1.38, 3.45 and 6.90 MPa, with aqueous amine concentrations of 20, 35 and 50 wt%. The nominal partial pressure of CO2 in the

gaseous feed stream was 0.069 MPa at a total pressure of 1.38 and 0.69 MPa at 3.45 and 6.90 MPa total pressure. A model

developed to predict thermodynamic properties of these systems includes reaction equilibria, dissolution of methane, vapor-

phase non-idealities, vaporization of water and amines in addition to the acid gas absorption. # 2000 Elsevier Science B.V.

All rights reserved.
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1. Introduction

Aqueous alkanolamine solutions are widely used in

the gas processing industry for the removal of acid

gases (CO2, H2S, SO2, etc.) from industrial and natural

gas streams. A knowledge of the solubilities and the

enthalpies of solution of these acid gases in aqueous

alkanolamine solutions is necessary for the design and

operation of separation equipment. Accurate data on

heats of mixing of acid gases with aqueous amine

solutions are needed to assist in the design of econom-

ical new amine-treating systems and to improve the

ef®ciency of existing plants.

In order to make the acid gas removal processes

more ef®cient, interest in using the tertiary amine

methyldiethanolamine (MDEA), rather than the more

traditionally used primary amines, such as monoetha-

nolamine (MEA), and secondary amines, such as

diethanolamine (DEA), has increased signi®cantly.

One advantage of MDEA is its ability to selectively

absorb H2S from gas streams containing CO2 and H2S.

The selective removal of H2S by MDEA is a result of

differing reaction mechanisms for the absorption of

CO2 and H2S into the amine. When H2S comes in

contact with an aqueous amine, it dissociates into a

bisul®de ion by an instantaneous proton-transfer reac-

tion. The absorption of CO2 into a tertiary amine such

as MDEA involves a multi-step reaction. The CO2

must ®rst react with water to form bicarbonate. Then

the proton combines with the amine via an acid±base

neutralization reaction. The rate-controlling step is the

formation of the bicarbonate ion. This step ensures

that the rate of absorption of CO2 into MDEA solu-

tions is several orders of magnitude slower than the
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absorption of H2S. Other advantages of MDEA as a

solvent are a small enthalpy of reaction with acid gases

and a low vapor pressure of MDEA above the solution.

DEA is currently used widely in the gas-processing

industry. It does not selectively remove H2S, because

CO2 reacts directly with the amine. The rate of this

reaction is on the same order of magnitude as the

reaction of H2S with the amine, so both H2S and CO2

are absorbed into aqueous DEA solutions at about

equal rates.

Previously, the heats of the mixing of pure CO2 into

alkanolamines have been measured [1±3]. In this

study, CO2 was mixed with CH4 in proportions repre-

sentative of those found in the gas-processing industry

prior to mixing with the amine solutions. A predictive

model for the heats of mixing based on these systems

is expected to be more realistic than models based on

the absorption of CO2 from the pure CO2 vapor phase

into amine solutions. Though methane interacts with

the amines to an insigni®cant extent, its presence in

the gas feed has a marked effect upon the measured

heats. Methane provides a vapor phase that affects

fugacities and allows water to evaporate.

2. Experimental

Heats of mixing of gaseous CO2/CH4 mixtures with

MDEA and DEA solutions were measured at condi-

tions listed in Table 1. The nominal partial pressure of

CO2 in the gaseous feed stream was 0.069 MPa at a

total pressure of 1.38 and 0.69 MPa at 3.45 and

6.90 MPa total pressure.

Materials used in the measurements were: CO2 (Air

Liquide, 99.89% pure), CH4 (Scott, 99.99% pure),

Methyldiethanolamine (Aldrich, 99% pure), Dietha-

nolamine (Aldrich, 99% pure), and distilled, deio-

nized, degassed water. Matheson model 450 gas

puri®ers were present on both gas feed lines to remove

any water present in the gases as well as any oil that

may have bled into the gas from the pressure reducers

or valves. In the preparation of the alkanolamine

solutions, the distilled, deionized water was boiled

for 20 min to expel any dissolved CO2. During cool-

ing, a CO2-absorbing tube was attached to the water-

containing ¯ask through a one-hole rubber stopper to

avoid recontamination of the water with CO2 present

in the atmosphere. To minimize exposure of the

alkanolamine solutions to the atmosphere, a maximum

of 1 l of solution was prepared at a time. The solutions

were submerged in an ultrasonic bath for approxi-

mately 10 min immediately prior to use to drive out

any remaining supersaturated gases.

The calorimetric determinations were made using

two high pressure isothermal ¯ow calorimeters similar

to that described elsewhere [4]. One was used to

collect data at 26.78C and the other to collect data

at 76.7 and 126.78C. The calorimeters used in this

study differed from that described earlier in the design

of the mixing device. The mixing device described by

Gillespie et al. [4] is limited to use with liquids of

similar density. This study involved the mixing of a

Table 1

Experimental conditions at which enthalpies of mixing were measured for (CO2�CH4) with alkanolamine solutions

Temperature (8C) System pressure (MPa) PCO2
(Mpa) Concentration

26.7 1.38 0.069 20, 35 wt% MDEA

26.7 3.45 0.69 20, 35 wt% MDEA

76.7 1.38 0.069 20, 50 wt% MDEA

76.7 3.45 0.69 20, 35, 50 wt% MDEA

76.7 6.90 0.69 20, 35, 50 wt% MDEA

126.7 1.38 0.069 20, 35, 50 wt% MDEA

126.7 3.45 0.69 20, 35, 50 wt% MDEA

126.7 6.90 0.69 20, 35, 50 wt% MDEA

26.7 1.38 0.069 20 wt% DEA

26.7 3.45 0.69 20 wt% DEA

76.7 1.38 0.069 20, 50 wt% DEA

76.7 3.45 0.69 20, 35, 50 wt% DEA

126.7 1.38 0.069 20, 35, 50 wt% DEA

126.7 3.45 0.69 20, 35, 50 wt% DEA
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gas with a liquid, and therefore an annulus-type mix-

ing device was used. Amine solution ¯owed through

the annulus. The gas mixture ¯owed through the inner

tube. Mixing occurred on the isothermal cylinder,

where the inner tube ends. The small diameter of

the inner tube aided mixing, by increasing the velocity

of the gas ¯ow. At 26.78C, the amine solutions are very

viscous. To facilitate complete mixing, the last cen-

timeter of the inner tube of the low-temperature

calorimeter was tightly wrapped with platinum wire.

This caused swirling in the amine solution near the

wall and increased mixing.

Carbon dioxide and methane were mixed in propor-

tions resulting in the desired partial pressure of carbon

dioxide in the gaseous feed. Flow rates of the gas and

the alkanolamine solution were both varied to provide

a large range of feed ratios (moles CO2 in feed/mole

amine in feed). Heats were determined as a function of

feed ratio. The procedure used to collect the heat data

has been described [4]. Interpretation of the ¯ow

calorimetric data requires that the densities of the

¯uids at room temperature be known at the operating

pressures. The density of CH4 and CO2 were calcu-

lated using the Peng±Robinson equation of state. The

density of different amine solutions was measured at

258C and 1 atm. The densities of the amine solutions

were corrected for increased pressure assuming the

compressibility of water for the amine solutions. Data

at feed ratios below 0.2 could not be collected due to

the limitations of the equipment. The measured heats

for the systems studied are given in Table 2. The

accuracy of the mixing calorimeter has been shown

to be 1.5% for the ethanol±water reference system [5].

The maximum uncertainty for the mixing of gas and

liquid systems in the measured heats is �6.1%.

2.1. Development of a predictive model

Chen [6] developed a model using the approach

presented by Kent and Eisenberg [7] to predict ther-

modynamic properties of the MDEA�CO2 and

DEA�CO2 systems under the same temperatures,

pressures, and alkanolamine concentrations as this

study. In the present work, Chen's model was modi®ed

to allow for a non-reacting gas, methane, in the gas

stream. Including methane in the gas stream necessi-

tated several changes. First, methane was included in

the material balances and in the equation of state.

Second, the absorption of methane into the solution

was included. Third, the aqueous-phase concentra-

tions were adjusted to account for the evaporation

of water into the vapor phase. Fourth, the heat due to

the vaporization of water was also included [8].

The following set of reactions was assumed to occur

when the vapor stream of carbon dioxide plus methane

was mixed with an aqueous solution of MDEA.

H2O � H� � OHÿ (1)

H� � CH3�CH2CH2OH�2N�aq�
� CH3�CH2CH2OH�2NH� (2)

CO2�aq� � CO2�g� (3)

CO2�aq� � H2O � H� � HCOÿ3 (4)

HCOÿ3 � H� � CO2ÿ
3 (5)

H2O�aq� � H2O�g� (6)

CH4�aq� � CH4�g� (7)

CH3�CH2CH2OH�2N�aq�
� CH3�CH2CH2OH�2N�g� (8)

CH3�CH2CH2OH�2NH� � HCOÿ3
� CH3�CH2CH2OH�2NH2CO3 (9)

When the vapor stream of methane plus carbon diox-

ide was mixed with an aqueous solution of DEA,

Reactions (1), (3), (4), (5), (6), and (7) above were

assumed to occur as well as Reactions (10), (11), and

(12) below.

H� � H�C2H4OH�2N�aq� � H�C2H4OH�2NH�

(10)

�CH2CH2OH�2NH�aq� � �CH2CH2OH�2NH�ag�
(11)

�CH2CH2OH�2NH�aq� � HCOÿ3
� �CH2CH2OH�2NCOÿ2 � H2O�aq� (12)

In order to model thermodynamically the mixing of

the streams, the equilibrium constants K and the

enthalpy changes DH as a function of temperature

for each of the above reactions were needed. Modeling

of the above systems also required the calculation of

the fugacity coef®cients of all the gaseous species and

the activity coef®cients of all the aqueous species. The

thermodynamic model developed used literature
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Table 2

Measured and calculated enthalpies of mixing of CO2/CH4 with alkanolamine solutions

Feed ratio Qm (kJ molÿ1) Qc (kJ molÿ1) Feed ratio Qm (kJ molÿ1) Qc (kJ molÿ1)

CO2/CH4�20 wt% MDEA at 126.78C; 6.90 Mpa CO2/CH4�20 wt% MDEA at 126.78C; 3.45 Mpa

PCO2
�0.86 MPa in feed gas PCO2

�0.70 MPa in feed gas

0.01 ÿ33.8 ÿ47.9 0.02 ÿ42.1 ÿ54.4

0.03 ÿ53.3 ÿ49.0 0.03 ÿ41.1 ÿ51.9

0.08 ÿ44.0 ÿ47.0 0.09 ÿ34.8 ÿ46.3

0.20 ÿ36.3 ÿ37.1 0.24 ÿ31.7 ÿ32.6

0.41 ÿ23.2 ÿ23.6 0.49 ÿ17.4 ÿ17.5

0.62 ÿ15.7 ÿ15.1 0.74 ÿ9.4 ÿ9.0

0.92 ÿ8.6 ÿ7.8 1.10 ÿ2.7 ÿ2.1

1.23 ÿ3.0 ÿ3.3 1.47 0.5 1.8

1.64 0.1 0.4 1.96 3.6 5.0

2.48 3.2 4.4 2.94 6.9 8.3

CO2/CH4�20 wt% MDEA at 126.78C; 1.38 Mpa CO2/CH4�35 wt% MDEA at 126.78C; 6.90 Mpa

PCO2
� 0.062 MPa in feed gas PCO2

�0.86 MPa in feed gas

0.08 131.8 113.7 0.01 ÿ106.2 ÿ51.7

0.11 133.9 121.8 0.04 ÿ60.3 ÿ49.2

0.16 134.7 132.4 0.12 ÿ40.0 ÿ40.0

0.18 138.5 134.9 0.24 ÿ29.1 ÿ27.5

0.27 146.2 143.1 0.36 ÿ16.9 ÿ19.0

0.41 147.3 149.5 0.53 ÿ12.7 ÿ11.0

0.61 150.4 154.1 0.71 ÿ3.6 ÿ6.2

0.81 149.4 156.4 0.94 ÿ1.0 ÿ2.1

1.41 ÿ1.3 2.4

CO2/CH4�35 wt% MDEA at 126.78C; 3.45 MPa CO2/CH4�35 wt% MDEA at 126.78C; 1.38 Mpa

PCO2
�0.70 MPa in feed gas PCO2

�0.069 MPa in feed gas

0.01 ÿ60.7 ÿ57.4 0.05 129.0 110.5

0.02 ÿ36.1 ÿ54.3 0.06 129.9 118.4

0.05 ÿ40.5 ÿ48.6 0.09 135.2 129.2

0.14 ÿ31.6 ÿ35.9 0.10 136.0 131.7

0.28 ÿ18.4 ÿ21.1 0.15 143.1 140.2

0.42 ÿ12.0 ÿ12.4 0.23 148.7 146.8

0.64 ÿ5.7 ÿ5.0 0.34 150.0 151.4

0.85 0.2 ÿ0.7 0.46 150.0 153.7

1.13 1.7 2.9

1.70 4.9 6.6

CO2/CH4�50 wt% MDEA at 126.78C; 6.90 MPa CO2/CH4�50 wt% MDEA at 126.78C; 3.45 Mpa

PCO2
�0.86 MPa in feed gas PCO2

�0.70 MPa in feed gas

0.01 ÿ28.1 ÿ53.7 0.01 ÿ35.6 ÿ58.2

0.01 ÿ27.9 ÿ52.9 0.01 ÿ47.0 ÿ54.8

0.03 ÿ37.9 ÿ49.1 0.04 ÿ51.8 ÿ47.6

0.16 ÿ22.3 ÿ24.2 0.10 ÿ27.9 ÿ32.6

0.24 ÿ16.5 ÿ15.9 0.20 ÿ15.8 ÿ17.6

0.36 ÿ9.6 ÿ8.6 0.30 ÿ9.6 ÿ9.3

0.49 ÿ4.6 ÿ4.2 0.44 ÿ4.0 ÿ2.7

0.97 2.5 3.4 0.59 ÿ0.2 1.1

0.79 1.9 4.2

1.18 5.6 7.4

CO2/CH4�50 wt% MDEA at 126.78C; 1.38 MPa CO2/CH4�20 wt% MDEA at 76.78C; 6.90 Mpa

PCO2
�0.069 MPa in feed gas PCO2

�0.86 MPa in feed gas

0.03 123.4 108.0 0.03 ÿ63.6 ÿ69.7

0.04 116.5 116.3 0.05 ÿ76.0 ÿ57.1
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Table 2 (Continued )

Feed ratio Qm (kJ molÿ1) Qc (kJ molÿ1) Feed ratio Qm (kJ molÿ1) Qc (kJ molÿ1)

0.07 121.6 126.5 0.08 ÿ61.3 ÿ52.4

0.07 124.0 128.8 0.41 ÿ56.7 ÿ39.2

0.11 130.7 136.3 0.58 ÿ47.2 ÿ35.0

0.16 133.0 141.7 0.62 ÿ49.8 ÿ34.0

0.24 134.9 145.2 0.93 ÿ38.0 ÿ26.6

0.32 133.8 146.8 1.24 ÿ29.8 ÿ21.1

1.66 ÿ23.7 ÿ15.9

2.31 ÿ16.8 ÿ11.2

3.12 ÿ12.5 ÿ7.8

4.99 ÿ8.5 ÿ4.1

CO2/CH4�20 wt% MDEA at 76.78C; 3.45 MPa CO2/CH4�20 wt% MDEA at 76.78C; 1.38 Mpa

PCO2
�0.70 MPa in feed gas PCO2

�0.070 MPa in feed gas

0.02 ÿ114.2 ÿ76.1 0.11 ÿ37.6 ÿ34.9

0.03 ÿ35.6 ÿ61.3 0.19 ÿ30.5 ÿ24.5

0.09 ÿ38.1 ÿ49.7 0.28 ÿ17.9 ÿ16.2

0.25 ÿ54.6 ÿ43.5 0.43 ÿ7.8 ÿ7.7

0.50 ÿ50.0 ÿ37.2 0.64 1.8 0.3

0.75 ÿ47.2 ÿ30.9 0.85 9.7 5.3

1.12 ÿ36.8 ÿ22.9

1.49 ÿ29.4 ÿ17.6

1.99 ÿ23.8 ÿ13.0

2.98 ÿ15.6 ÿ8.1

CO2/CH4�35 wt% MDEA at 76.78C; 6.90 MPa CO2/CH4�35 wt% MDEA at 76.78C; 3.45 Mpa

PCO2
�0.93 MPa in feed gas PCO2

�0.70 MPa in feed gas

0.01 ÿ78.3 ÿ80.9 0.01 ÿ60.4 ÿ85.6

0.04 ÿ83.7 ÿ61.7 0.02 ÿ45.3 ÿ70.7

0.21 ÿ65.2 ÿ48.9 0.05 ÿ55.1 ÿ58.1

0.32 ÿ63.8 ÿ45.5 0.14 ÿ54.1 ÿ51.7

0.47 ÿ52.3 ÿ40.4 0.28 ÿ54.0 ÿ46.7

1.26 ÿ28.2 ÿ20.8 0.42 ÿ50.0 ÿ41.8

1.57 ÿ22.1 ÿ16.8 0.64 ÿ41.8 ÿ34.5

2.52 ÿ16.6 ÿ10.2 1.13 ÿ30.6 ÿ22.3

1.69 ÿ22.6 ÿ15.0

CO2/CH4�50 wt% MDEA at 76.78C; 6.90 MPa CO2/CH4�50 wt% MDEA at 76.78C; 3.45 Mpa

PCO2
�0.86 MPa in feed gas PCO2

�0.70 MPa in feed gas

0.01 ÿ61.1 ÿ85.6 0.01 ÿ113.1 ÿ92.6

0.03 ÿ58.0 ÿ66.7 0.01 ÿ63.8 ÿ77.6

0.17 ÿ51.3 ÿ54.4 0.04 ÿ69.5 ÿ64.4

0.25 ÿ49.8 ÿ51.2 0.10 ÿ59.6 ÿ58.2

0.38 ÿ42.9 ÿ45.3 0.20 ÿ53.4 ÿ53.7

0.51 ÿ34.3 ÿ39.9 0.30 ÿ48.3 ÿ49.5

0.65 ÿ34.4 ÿ34.3 0.44 ÿ43.3 ÿ42.8

1.01 ÿ24.8 ÿ24.4 0.79 ÿ30.2 ÿ29.7

1.96 ÿ16.9 ÿ12.9 1.18 ÿ27.9 ÿ20.9

CO2/CH4�50 wt% MDEA at 76.78C; 1.38 MPa CO2/CH4�20 wt% MDEA at 26.78C; 3.45 Mpa

PCO2
�0.070 MPa in feed gas PCO2

�0.70 MPa in feed gas

0.04 ÿ42.1 ÿ51.9 0.50 ÿ43.7 ÿ59.2

0.07 ÿ37.7 ÿ41.7 0.73 ÿ43.0 ÿ47.0

0.11 ÿ22.3 ÿ33.6 1.10 ÿ37.5 ÿ34.2

0.17 ÿ16.2 ÿ24.8 1.46 ÿ30.9 ÿ26.1

0.25 ÿ3.2 ÿ15.5 1.98 ÿ23.3 ÿ19.3

0.33 0.6 ÿ8.9 2.91 ÿ16.5 ÿ13.1
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Table 2 (Continued )

Feed ratio Qm (kJ molÿ1) Qc (kJ molÿ1) Feed ratio Qm (kJ molÿ1) Qc (kJ molÿ1)

CO2/CH4�20 wt% MDEA at 26.78C; 1.38 MPa CO2/CH4�35 wt% MDEA at 26.78C; 3.45 Mpa

PCO2
�0.079 MPa in feed gas PCO2

�0.67 MPa in feed gas

0.13 ÿ20.7 ÿ71.4 0.28 ÿ59.6 ÿ75.1

0.25 ÿ96.2 ÿ55.3 0.40 ÿ58.4 ÿ63.5

0.38 ÿ45.1 ÿ47.3 0.62 ÿ52.4 ÿ50.1

0.57 ÿ27.7 ÿ38.9 0.81 ÿ40.3 ÿ41.7

0.77 ÿ18.4 ÿ31.9 1.11 ÿ36.5 ÿ31.6

1.02 ÿ17.0 ÿ25.5 1.65 ÿ29.4 ÿ21.5

1.49 ÿ13.6 ÿ17.6

CO2/CH4�35 wt% MDEA at 26.78C; 1.38 MPa CO2/CH4�20 wt% DEA at 126.78C; 3.45 Mpa

PCO2
�0.076 MPa in feed gas PCO2

�0.74 MPa in feed gas

0.07 ÿ40.4 ÿ86.5 0.09 ÿ34.5 ÿ60.2

0.13 ÿ89.9 ÿ71.4 0.24 ÿ43.4 ÿ49.7

0.19 ÿ67.3 ÿ64.3 0.47 ÿ30.5 ÿ35.1

0.29 ÿ54.4 ÿ56.9 0.71 ÿ19.3 ÿ24.1

0.39 ÿ47.2 ÿ51.0 1.06 ÿ9.9 ÿ13.7

0.52 ÿ42.8 ÿ44.0 1.42 ÿ4.0 ÿ7.7

0.76 ÿ31.9 ÿ33.8 1.89 0.0 ÿ2.7

CO2/CH4�20 wt% DEA at 126.78C; 1.38 MPa CO2/CH4�35 wt% DEA at 126.78C; 3.45 Mpa

PCO2
�0.075 MPa in feed gas PCO2

�0.75 MPa in feed gas

0.07 128.1 87.9 0.05 ÿ31.6 ÿ63.7

0.10 137.6 95.5 0.14 ÿ48.6 ÿ55.5

0.15 143.6 106.4 0.28 ÿ43.8 ÿ45.4

0.16 138.7 109.1 0.42 ÿ33.7 ÿ36.5

0.24 139.7 119.0 0.63 ÿ22.0 ÿ26.0

0.37 148.4 127.6 0.84 ÿ14.6 ÿ18.6

0.55 150.2 134.2 1.12 ÿ8.3 ÿ12.1

0.73 150.7 137.8 1.68 ÿ1.3 ÿ4.7

CO2/CH4�35 wt% DEA at 126.78C; 1.38 MPa CO2/CH4�50 wt% DEA at 126.78C; 3.45 Mpa

PCO2
�0.072 MPa in feed gas PCO2

�0.74 MPa in feed gas

0.04 119.9 81.5 0.04 ÿ36.0 ÿ65.5

0.05 121.9 88.5 0.10 ÿ47.3 ÿ57.5

0.08 129.8 98.6 0.28 ÿ45.7 ÿ41.7

0.09 126.2 101.1 0.43 ÿ32.3 ÿ32.8

0.14 140.1 111.5 0.57 ÿ22.3 ÿ25.9

0.20 130.1 120.6 0.76 ÿ16.6 ÿ19.2

0.30 133.8 128.0 1.14 ÿ7.9 ÿ10.8

0.40 132.4 132.1

CO2/CH4�50 wt% DEA at 126.78C; 1.38 MPa CO2/CH4�20 wt% DEA at 76.78C; 3.45 Mpa

PCO2
�0.072 MPa in feed gas PCO2

�0.75 MPa in feed gas

0.03 108.8 73.8 0.09 ÿ35.8 ÿ73.7

0.04 97.2 80.5 0.23 ÿ72.0 ÿ59.7

0.06 107.1 91.0 0.46 ÿ58.7 ÿ51.4

0.06 108.6 93.6 0.69 ÿ49.3 ÿ43.1

0.09 112.2 103.7 1.03 ÿ36.3 ÿ31.2

0.14 113.5 112.7 1.38 ÿ27.5 ÿ23.5

0.21 115.0 120.1 1.84 ÿ20.6 ÿ17.3

0.28 120.2 124.2 2.76 ÿ13.2 ÿ10.9

CO2/CH4�20 wt% DEA at 76.78C; 1.38 MPa CO2/CH4�35 wt% DEA at 76.78C; 3.45 Mpa

PCO2
�0.072 MPa in feed gas PCO2

�0.76 MPa in feed gas

0.15 ÿ50.8 ÿ46.2 0.05 ÿ57.7 ÿ86.2

0.17 ÿ42.9 ÿ43.9 0.14 ÿ60.7 ÿ71.1
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values for the K andDH values where available and the

unknown K and DH values were regressed using the

heat data measured in this study and partial pressures

of CO2 in equilibrium with the alkanolamine solutions

reported in the literature.

The equations for the K values, DH values, fugacity

coef®cients, activity coef®cients, and the equation of

state were combined with material balances in order to

predict the species distribution of the incoming aqu-

eous stream and exiting aqueous and vapor streams

and the molar volumes of the incoming and exiting

vapor streams. This species distribution was used

together with the DH values for the reactions and

the enthalpy departures found using the equation of

state to calculate the enthalpies of the entering and

exiting streams. Since all heats were measured iso-

thermally, no heat capacity data were needed.

The DCp values for Henry's coef®cients and the

aqueous equilibrium constants were assumed to be

constant except in Reactions (1) and (7). The errors in

the K and DH values introduced by making this

assumption are no larger than the uncertainty of these

values. This leads to the following equations correlat-

ing equations for the K and DH values

ln K � C1

T
� C2 ln T � C3 (13)

DH � ÿRC1 � RTC2 (14)

where R is the gas constant and C1, C2, and C3 are

®tting parameters and T is the temperature in kelvins.

The literature values used for Henry's coef®cients and

parameters for equations describing the ionization

constants are listed in Table 3 along with references

[6,9±12]. Reactions (6), (8), and (11) were treated as

conventional vapor±liquid equilibria.

2.1.1. Equilibrium constants

Equilibrium constants for Reaction (12) (carbamate

formation from bicarbonate and DEA) at temperatures

ranging from 25 to 1408C were found by minimizing

the differences between loading vs. PCO2
values pre-

dicted from the model reported here and those mea-

Table 2 (Continued )

Feed ratio Qm (kJ molÿ1) Qc (kJ molÿ1) Feed ratio Qm (kJ molÿ1) Qc (kJ molÿ1)

0.25 ÿ43.3 ÿ34.7 0.27 ÿ64.5 ÿ62.8

0.37 ÿ30.8 ÿ24.8 0.41 ÿ61.1 ÿ56.6

0.56 ÿ15.4 ÿ14.2 0.61 ÿ52.0 ÿ47.1

0.75 ÿ3.9 ÿ7.1 0.81 ÿ43.3 ÿ37.9

1.08 ÿ33.2 ÿ29.1

1.63 ÿ21.9 ÿ19.3

CO2/CH4�50 wt% DEA at 76.78C; 1.38 MPa CO2/CH4�50 wt% DEA at 76.78C; 3.45 Mpa

PCO2
�0.072 MPa in feed gas PCO2

�0.75 MPa in feed gas

0.06 ÿ61.8 ÿ72.6 0.03 ÿ63.4 ÿ97.6

0.07 ÿ61.2 ÿ70.0 0.09 ÿ68.0 ÿ81.6

0.10 ÿ60.5 ÿ61.4 0.17 ÿ66.4 ÿ73.0

0.15 ÿ57.1 ÿ52.5 0.26 ÿ67.9 ÿ67.5

0.22 ÿ44.4 ÿ42.5 0.39 ÿ65.6 ÿ60.1

0.29 ÿ32.4 ÿ35.1 0.52 ÿ59.4 ÿ52.7

0.69 ÿ47.7 ÿ43.2

1.03 ÿ33.0 ÿ30.1

CO2/CH4�20 wt% DEA at 26.78C; 3.45 MPa CO2/CH4�20 wt% DEA at 26.78C; 1.38 Mpa

PCO2
�0.69 MPa in feed gas PCO2

�0.079 MPa in feed gas

0.43 ÿ60.2 ÿ59.2 0.10 ÿ22.4 ÿ96.6

0.63 ÿ58.8 ÿ60.0 0.20 ÿ97.1 ÿ79.0

0.96 ÿ45.6 ÿ41.2 0.30 ÿ81.7 ÿ69.7

1.27 ÿ35.1 ÿ31.1 0.45 ÿ65.2 ÿ58.8

1.72 ÿ27.8 ÿ22.8 0.60 ÿ45.5 ÿ49.3

2.53 ÿ18.8 ÿ15.4 0.80 ÿ40.7 ÿ38.7

1.18 ÿ31.9 ÿ26.3
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sured [13]. The C1, C2, C3 values in Eq. (13) were

varied until the predicted PCO2
vs. loading ®t the

literature data at 25, 75, and 1408C and the heat data

measured in this study. In this way, all effects not taken

into account by the other reactions with previously

determined log K and DH values have been incorpo-

rated into three adjustable parameters. The DH values

calculated for all reactions are thermodynamically

consistent with the log K values.

The resulting equilibrium constants for carbamate

formation are of the same order of magnitude as the

equilibrium constants for the formation of the MDEA

complex, Reaction (9). This indicates that the forma-

tion of the analogous complex may be signi®cant in

the DEA system as well as in the MDEA system. The

model developed in this study does not, however,

account for the formation of a DEA complex. It should

therefore be noted that the values for the carbamate

formation equilibrium constants given in Table 3 may

likely incorporate both the formation of carbamate as

well as the formation of a DEA complex.

Equilibrium constants for the hydration of CO2(aq)

and the subsequent ionization of the carbonate species

(Eqs. (4) and (5)) were calculated using equations

proposed by Renon [12], which have the same form as

Eq. (13).

Oscarson et al. [9] derived equilibrium constants for

the protonation of MDEA and DEA (Reactions (2) and

(10)) using experimental heat of protonation data from

26.7 to 1498C and equilibrium constants at 258C. Over

the range of the experiments, DH was linear with

temperature.

Thermodynamic values for the ionization of water

(Reaction (1)) were calculated from the relationship

determined by Marshall and Franck [14].

2.1.2. Henrys law constants for CO2 and CH4

The Henry's coef®cient values for CO2 (Reaction

(3)) were calculated from equations proposed by

Murray and Cobble [10]. These equations describe

the CO2 phase equilibria with pure water rather than

with alkanolamine solutions. The differences in this

system from those in pure water are accounted for by

the use of activity coef®cients. Haimour and Sandall

[15] give values for Henry's coef®cients for the CO2

phase equilibria with MDEA solutions by assuming

that these coef®cients are the same as those measured

by them for the solubility of N2O in MDEA solutions.

However, these data are available over such a limited

range of conditions that they could not be used in

this study. The Henry's law constants (Reaction 7)

for CH4 were calculated from the relationships pro-

posed by Crovetto et al. [11] which has the form of Eq.

(15):

ln KH�CO2� �
C1

�T � 10ÿ3� �
C2

�T � 10ÿ3�2 � C3

(15)

2.1.3. Vapor±liquid equilibria

The following expression was used in determining

the vapor±liquid equilibrium of CO2.

fCO2
yCO2

P � mCO2
KH�CO2�gCO2

� exp
�VCO2
�Pÿ PS

W�
RT

� �
(16)

where y is the mole fraction in the vapor phase, �V is the

partial molal volume, P is the system total pressure,

PS
W is the saturation vapor pressure of water, and KH is

the Henry's constant valid at the saturation pressure of

Table 3

Literature parameters for the equilibrium constants for indicated reactions

Reaction C1 C2 C3 Ref.

H��MDEA(aq)$MDEAH� 1974.40 ÿ7.5329 56.008 [9]

H��DEA(aq)$DEAH� 3741.82 ÿ4.2726 32.241 [9]

MDEAH��HCO3
ÿ$MDEAH2CO3(aq) ÿ1404.6 ÿ14.3427 85.455 [6]

RRNH�HCO3
ÿ$RRNCO2

ÿ�H2O(aq) 7494.232 16.834 ÿ102.490 n/a

CO2(aq) $CO2(g) ÿ7849.446 ÿ18.11777 132.9207 [10]

CH4(aq)$CH4(g) 7.403 ÿ1.344 ÿ8.308 [11]

CO2(aq)�H2O$H��HCO3
ÿ ÿ12092.1 ÿ36.7816 235.482 [12]

HCO3
ÿ$H��CO3

2ÿ ÿ12431.7 ÿ35.4819 220.067 [12]
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water [6]. The partial molal volumes of CO2(aq) were

calculated using the correlation given by Brelvi and

O'Connel [16]. A similar expression, without the

Poynting correction factor, was used in determining

the vapor±liquid equilibrium of methane. Since the

Poynting correction factor is only signi®cant at higher

pressures, the absence of the Poynting term in the

methane vapor±liquid equilibrium expression is not

considered to cause any signi®cant errors.

The vapor±liquid equilibria for both water and the

alkanolamines are given by

fjPj � ajP
S
j f

S
j exp

�Vj�Pÿ PS
j �

RT

 !
; (17)

where the subscript j designates either DEA, MDEA,

or water, a is the activity expressed as a mole fraction,

and fS
j is the fugacity coef®cient of substance j at its

saturation vapor pressure PS
j [6].

The saturation vapor pressures of water and the

alkanolamines were calculated using a three-para-

meter Antoine equation [6]:

ln PS
j � A1 ÿ A2

T ÿ A3
(18)

The values of parameters A1, A2, and A3 for water,

MDEA, and DEA were obtained by ®tting experi-

mental saturation vapor pressure data [6] and are given

in Table 4. The partial molal volume of water was

calculated using the following equation [6]:

�Vw�ml=mol��23:3875ÿ 0:039135T

� 7:16362� 10ÿ5T2: (19)

2.1.4. Activity coef®cients

The Pitzer equation as modi®ed by Edwards et al.

[17] was used to calculate the activity coef®cients of

ionic and molecular species in solution as well as the

activity of water. This equation requires the calcula-

tion of the Debye±HuÈckel limiting slope of the osmo-

tic coef®cient, Af. Chen et al.'s [18] expression for the

Debye±HuÈckel limiting slope was used for this pur-

pose. An expression for the activity of water was

derived by Edwards et al. [17] using an equation

for the activity coef®cients and the Gibbs±Duhem

equation.

Interaction parameters required in the equation of

state for species in the ternary systems CO2/

CH4�alkanolamines/H2O are not available in the

literature and were assumed to be zero. This leads

to negligible errors in the gas phase at experimental

conditions. Chen [6] determined the interaction para-

meters for use in the activity coef®cient model by

dividing the binary interactions into four groups: (a)

the interaction between like-charged ions, (b) the

interaction between positive and negative ions, (c)

the interaction between ionic and molecular species,

and (d) the interaction between molecules. Like-

charged ionic interactions were ignored. The para-

meters were assumed to be the same for interactions

within the same group. Chen ®tted these parameters to

his experimental data. The resulting interaction para-

meters are given in Table 5.

2.1.5. Equation of state

Fugacity coef®cients and heat effects due to vapor-

phase interactions were determined from the equation

proposed by Nakamura et al. [19]. For a complete

discussion of equations see Ref. [6]. The pure com-

ponent parameters a�0�i , a�1�i b�0�i b�1�i , gi dI, and ci are

listed in Table 6. The interaction parameter a�0�ij is

given in Table 7. Interaction parameters for DEA and

MDEA were not available, so the parameters were

assumed to be equal to those of NH3. Since the mole

fractions of DEA and MDEA in the vapor phase are

small (from 10ÿ10 to 10ÿ4), this assumption should not

lead to any signi®cant errors in the calculations of

ln fIs or DHgas.

Table 4

Antoine parameters for water and alkanolamines

Compound A1 A2 A3

H2O 11.6703 3816.42 46.13

MDEA 29.9726 22625.16 ÿ260.30

DEA 11.9371 5231.15 103.46

Table 5

Interaction parameters for activity coef®cients

Interaction-type b�0�ij b�1�ij

Between like-charged ions 0.0 0.0

Cation±anion 0.0067 0.0223

Ion±molecule 0.0017 0.0052

Molecule±molecule ÿ0.1333�40.85/T 0.0
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2.1.6. Comparison of literature and predicted

loading vs. PCO2
data

The model was used to calculate loading vs. PCO2

data in order to provide a comparison with literature

values to con®rm the accuracy of the model. Loading

is de®ned as the ratio of the number of moles of CO2

absorbed into the solution to the number of moles of

alkanolamine in the solution. Experimental data from

Lee et al. [13] were compared to data predicted from

the model at 25, 75, and 1408C and at DEA concen-

trations of 20, 35, and 50 wt%. Predicted data for

MDEA were compared to Jou et al.'s [20] data at 40

and 1008C for a 35 wt% MDEA solution.

It is clear from Table 8 that the agreement between

predicted and experimental (literature) loadings

improves as CO2 partial pressures increase. As pre-

viously discussed, values of K for reaction RRNH�
HCO3

ÿ$RRNCO2
ÿ�H2O(aq) were found by ®tting

predicted loadings to experimental loadings. No K

values were found that would provide excellent agree-

ment over the entire PCO2
range. K values were

determined by emphasizing the agreement between

predicted and experimental loadings in the high PCO2

region. This was reasoned to provide K values with the

smallest error possible, since the slope of the loading

vs. PCO2
curve is less steep for high PCO2

values. In the

low PCO2
region, where the slope is steep, minor errors

in either calculations or experimental measurements

would cause a much larger possible percentage error

in the data than in the high PCO2
region.

Table 8 shows good agreement between experimen-

tal (literature) [17] and predicted loadings for 35 wt%

MDEA at 408C. The agreement seems poorer at

1008C. However, since the experimental data are

not smoothed, they may re¯ect a signi®cant amount

of experimental error, and it is dif®cult to determine

the signi®cance of the disagreement between pre-

dicted and experimental loadings. Since loadings at

both high and low PCO2
values are in good agreement,

the ®t between experimental and predicted loadings is

assumed to be acceptable.

3. Results

The most signi®cant difference between the acid

gas/CH4�alkanolamine systems and the pure acid

gas�alkanolamine systems [1±3] is the continual

presence of a vapor space in the former systems. In

the latter case, a de®nite discontinuity in the slope of

the heat versus the mole acid gas per mole amine

curve. This break point represents the loading point.

After the loading point, no more CO2 is absorbed into

the solution, and the CO2 creates a vapor phase,

allowing water to evaporate, resulting in more positive

heats. In the CO2/CH4�MDEA and the CO2/CH4�
DEA systems, a vapor phase is always present due

to the insolubility of CH4. Water and amine are

able to distribute to the vapor phase for all feed ratio

values.

The CO2/CH4�MDEA system displays endother-

mic behavior at 126.78C and 1.38 MPA (PCO2
�

0.069 MPa) due to the large amount of water that

evaporates at such a high temperature and low pres-

Table 6

Pure component parameters for equation of statea

Gas

(l/mol)

a(0)

(atm. l2/mole2)

a(1)

(atm. l2/mole2)

b(0)

(atm. l2/mole2)

b(1)

(atm. l2/mole2)

l d c

CO2 3.1693 0.0 253.17 0.0 1.2340 0.467�10ÿ4 0.0

H2S 2.5194 1.10 16.62 437.7 1.1823 1.699�10ÿ4 0.0

H2O 1.0607 2.07 8.40 1153.3 1.5589 0.593�10ÿ4 0.01

NH3
a 1.8335 0.81 13.33 548.3 1.3884 1.470�10ÿ4 0.01

a The parameters for the alkanolamines are assumed to be the same as those of NH3.

Table 7

Interaction parameters for equation of state

Gas mixture a�0�ij (atm. l2/mole2)

CO2±H2S 2.8

CO2±H2O 4.36

CO2±NH3 3.1

H2S±H2O 2.2

H2S±NH3 2.1

H2O±NH3 1.4
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sure. The differences between the results of the 3.45

(PCO2
�0.69 MPa) and 6.90 MPa (PCO2

�0.69 MPa)

systems are slight.

At 76.78C, very little water evaporates, and the

major heat effects are from the absorption of CO2

and the resulting liquid-phase reactions, regardless of

system pressure. There is no signi®cant difference

between the data measured at 3.45 MPa and those

measured at 6.90 MPa (both at PCO2
�0.69 MPa). The

data at 1.39 MPa (PCO2
�0.069 MPa), however, differ

greatly from the data at higher pressures.

As with the 76.78C system, the major heat effects

at 26.78C are due to the absorption of CO2 and

the resulting chemical reactions. Much more CO2 is

Table 8

Comparison of CO2 loadings from literature and those predicted by the model

PCO2
Loading PCO2

Loading

Literature Model Literature Model

35 wt% MDEA at 408Ca 35 wt% MDEA at 1008Ca

0.00058 0.002 0.0035 0.14 0.0077 0.013

0.0013 0.0051 0.005 0.249 0.013 0.018

0.0058 0.013 0.0098 0.728 0.027 0.033

0.06 0.059 0.096 2.26 0.048 0.063

0.16 0.106 0.154 5.29 0.087 0.102

0.313 0.166 0.209 14.94 0.134 0.184

0.854 0.296 0.319 31.47 0.219 0.277

1.74 0.394 0.414 34.23 0.271 0.289

3.64 0.57 0.524

14.5 0.795 0.734

20 wt% DEA at 258Cb 35 wt% DEA at 258Cb

0.1 0.402 0.32 0.1 0.387 0.3

0.316 0.48 0.456 0.316 0.453 0.408

1.0 0.568 0.599 1.0 0.525 0.526

3.16 0.663 0.726 3.16 0.60 0.635

10 0.765 0.817 10 0.69 0.722

31.6 0.875 0.875 31.6 0.788 0.779

50 wt% DEA at 258Cb 20 wt% DEA at 758Cb

0.1 0.378 0.295 0.1 0.086 0.053

0.316 0.43 0.381 0.316 0.163 0.098

1.0 0.49 0.477 1.0 0.248 0.184

3.16 0.554 0.567 3.16 0.365 0.315

10 0.629 0.645 10 0.486 0.489

31.6 0.708 0.699 31.6 0.62 0.63

35 wt% DEA at 758Cb 50 wt% DEA at 758Cb

0.1 0.085 0.042 0.1 0.084 0.035

0.316 0.16 0.078 0.316 0.158 0.065

1.0 0.238 0.149 1.0 0.23 0.124

3.16 0.334 0.265 3.16 0.315 0.226

10 0.433 0.418 10 0.398 0.369

31.6 0.54 0.553 31.6 0.485 0.499

20 wt% DEA at 1408Cb 35 wt% DEA at 1408Cb

10 0.093 0.097 10 0.06 0.069

31.6 0.23 0.209 31.6 0.16 0.163

50 wt% DEA at 1408Cb

10 0.035 0.045

31.6 0.122 0.114

a Literature values from Ref. [20].
b Literature values from Ref. [13].
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available to be absorbed at 3.45 MPa than at 1.38 MPa

(higher partial pressure of CO2 in feed gas at

3.45 MPa total pressure), and the increased pressure,

according to Henry's law will force more CO2 into

solution.

The lower the temperature, the more negative the

measured heats become. At higher temperatures, more

water evaporates than at lower temperatures, shifting

the curve upwards (more positive). In addition, CO2 is

less readily absorbed at higher temperatures. The

Henry's law constant for the CO2(aq)�CO2(g) phase

equilibrium increases with increasing temperature,

thus decreasing the CO2 solubility at the same partial

pressure. As the absorption process is exothermic, less

heat is measured at higher temperatures.

There is no clear trend in the concentration depen-

dence of the CO2/CH4�MDEA and DEA systems.

The absorption of CO2 into the solution involves a

series of reactions. At different concentrations, var-

ious reactions contribute more or less to the overall

heat measured. At 26.78C, the amine solutions are

much more viscous than they are at the two higher

temperatures. Though the calorimeter insert was

rebuilt to provide better mixing, it was still impossible

to record any repeatable data for DEA concentrations

of 35 and 50 wt% and for a MDEA concentration of

50 wt% at 26.78C.

The most important factors in¯uencing the mea-

sured heats were found to be temperature and the

partial pressure of carbon dioxide in the gas feed

stream. The measured heats displayed negligible

dependency upon the total pressure of the system

and little dependency upon the amine solution con-

centration within the ranges of this study.
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